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ABSTRACT 
Most petroleum upgrading or refining processes are operated in 
the fixed bed mode. For these processes fine catalyst particles can 
not be used because of the excessive pressure drop developed. Also, 
neither fresh nor spent catalysts can be added or withdrawn 
continuously without reactor shutdown. However, with a fluidized 
bed reactor, it is possible to operate at near isothermal conditions 
with fine catalyst particl€s to improve the effectiveness factor 
and to maintain constant catalyst activity by continuous withdrawal-
injection of catalyst to or from the reactor. In this study an 
experimental program was designed and carried out to 1) determine 
the feasibility of vapor-phase fluidized-bed hydrodesu1furization 
of potential commercial feedstocks obtained from coal, petroleum, 
oil shale or tar sand bitumens; 2) quantify the kinetics of sulfur 
removal from Solvent Refined Coal liuqid (SRC-); and 3) compare the 
extent of hydrodesulfurization of SRC-II liquid in a fluidized bed 
reactor and in a fixed bed reactor. 
A bench-scale continuous l-inch 1.0. fluidized bed reactor 
system was built for this study. Two feedstocks were used; a 
petroleum heavy gas oil and a coal derived liquid from Tacoma, 
Washington. The heavy gas oil (280~38goC) was used to adjust the 
system, and the coal derived liquid (SRC II 200-50goC) was used to 
determine the effect of process variables. The catalyst was a 
• 
commercial cobalt-molybdenum oxide supported on alumina ground to 
49 micron size. The catalyst was sulfided prior to use. 
The dew point temperatures and hydrogen/oil feed ratio were 
determined such that vapor-phase operation could be maintained for 
the desired range of operation. Minimum fluidization velocities 
with high 'pressure and high temperature conditions were experiment-
ally determined by measurement of the pressure drop through the bed 
of solid particles. 
It was possible to obtain fluidized bed hydrodesulfurization of 
Solvent Refined Coal liquid in the vapor-phase using the following 
operating conditions: 
Hydrogen/oil feed ratio: 5000 std. cc/cc oil 
Pressure: 1000-1500 psig 
Temperature: 400-475°C 
Weight hourly space velocity: 0.47-1.26 gm oil/gm cat-hr 
U/Umf : 1.2-6.55 
In the operating range of this study, the selected feedstocks 
allowed smooth and stable operation of the fluid bed without agglom-
eration of the catalyst particles and consequent slugging in the 
bed. The mode of gas-solid contacting appeared to be piston-flow 
as the overall hydrodesulfurization reaction fitted a pseudo-second-
order rate equation with respect to sulfur concentration at constant 
total pressure. The activation energy of hydrodesulfurization of 
SRC-II liquid ranged from 14.9 to 15.5 Kcal/g mole. This suggests 
that chemical reaction is the rate-limiting step. 
The chemical reaction rate was so slow under reaction conditions 
v 
that the effectiveness factor in both the fixed and fluidized bed 
reactors are essentially unity. The sulfur removal obtained from 
the fluidized bed with average particle size of 49 microns was lower 
than that from the fixed bed with 1/8 inch tablets because of back-
mixing in the fluid bed reactor. 
vi 
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CHAPTER 1 
INTRODUCTION 
Worldwide reserves of crude petroleum are being rapidly 
depleted by the energy-intensive world society that has developed 
in the past century. Shortages of liquid fuels derived from 
petroleum already exist in the United States and are expected to 
increase throughout the coming decades. Alternatives exist for 
the production of fuels, and the current national energy stance 
indicates that coal, oil shale, tar sands and heavier crude 
fractions which were previously pyrolyzed to give coke will be 
tapped to supplement crude petroleum for the production of liquid 
fuels as the demand and supply for liquid fuels get further out of 
balance. 
Coal is one of the most abundant fossil fuels in the U.S.A. 
(Table 1.1) and has the potential for conversion to liquid and 
gaseous fuels. Several processes have been developed for the 
liquefaction of coal and the technology has been sufficiently 
advanced due to efforts on the part of numerous industrial and 
governmental groups. 
There are at least three ways to turn coal into liquid fuels: 
pyrolysis, indirect liquefaction and direct hydroliquefaction. So 
far, most pyrolysis process haven't been too suitable for making 
liquid fuels. However, the COGAS project reference does include 
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TABLE 1.1 
Estimates of Fossil Fuel Resources* 
U.s.% 
U.S. World of World 
Crude oil, l09 bb 1 29.5 534-656 5 
Quads 171 309-380 
Natural gas, dry 
conventional, 1012cu ft 209 2226-2601 9 
Quads 213 2290-2680 
Natural gas liquids, 
109 bb 1 6.0 62.2-71.5 9 
Quads 24 250-290 
Syncrude from s~ale 
& tar sands, 10 bbl 76.5 265 29 
Quads 444 1540 
Coal, 109 tons 218 732-787 29 
Quads 4796 1740-1870 
Total (quads) 5648 24,600-27,000 22 
*These figures reflect proved and currently recoverable resources 
as of December 31, 1977. 
Note: 1 quad = 1015 Btu. Source: Institute of Gas Technology 
a pyrolysis stage that yields heavy coal liquids (Anderson and 
Tillman, 1979). In indirect liquefaction, the coal is first 
converted to synthesis gas. The resulting hydrogen-carbon monoxide 
mixture can then be reacted over an fron catalyst, the venerable 
3 
, Fischer-Tropsch process. This process yields a variety of liquids 
and gases that have to be sorted out before use. However, operating 
conditions can be varied, within limits, to favor increased yields of 
desired products. With different catalysts, the synthesis gas can 
also be converted to methanol, using proven commercial technology. 
Methanol itself is a clean and generally satisfactory fuel in systems 
tailored to its use. However, its heat content is only about half 
that of gasoline. Moreover, it is difficult to blend with gasoline, 
which limits its usefulness in existing motor fuel distribution 
systems. However, Mobil has recently developed a synthetic zeolite 
catalyst that converts methanol almost quantitatively into high-
octane gasoline. If this development turns out well, it could 
greatly increase the attractiveness of methanol as a product of coal 
conversion. 
Although indirect coal liquefaction technology is in a more 
advanced state of development, direct hydroliquefaction offers, at 
least in theory, better economics and higher efficiency in terms of 
barrels of liquids per ton of coal. Most federal support, therefore, 
is currently going to the direct processes. 
The oldest of the modern direct liquefaction processes, dating 
back to about 1962, is the Solvent Refined Coal (SRC) process 
(Moschitto, 1978). 
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In the original process, now known as SRC~I, pulverized raw 
coal is mixed with a process-derived solvent and a small amount of 
hydrogen at high temperature and pressure. The coal dissolves, most 
of its ash and much of its sulfur settle out and can be removed by 
filtration. The resulting relatively clean liquid can be burned in 
that fom, or it can be cooled to a tarlike solid for easier trans-
portation and storage. A later, modified version, SRC-II, uses more 
hydrogen and operates under more severe conditions of temperature, 
pressure and residence time. Most of the coal is converted to 
liquids, mainly naphtha and boiler fuel. Recently, two 6000 ton-
per-day demonstration plants, a modified SRC-I in Kentucky (b~ 
Air Products and Wheelabrator-Frye) and a SRC-II in West Virginia 
(by Gulf Oil) have been proposed. 
Another approach to coal dissolution is the Exxon Dono~Solvent 
(EDS) process (Furlong et ale 1975). Crushed, dried feed coal is 
slurried with a hydrogenated recycle solvent and fed, along with 
hydrogen, into an upward plug-flow reactor. The effluent is sepa-
rated by distillation into several fractions: the recycle solvent, 
light hydrocarbon gases, heavier distillates and a heavy vacuum 
bottoms stream containing still heavier liquids, unconverted coal 
and ash. The recycle solvent is rehydrogenated catalytically in a 
fixed-bed reactor. Bottoms are fed with steam and air to a Flexi-
coking unit, which produces additional liq~ids and low-Btu gas. A 
250 ton-per-day plant is now under construction at Baytown, Texas 
and it should supply data needed for designing a commercial plant. 
The third direct ~rocess being seriously considered for 
commercialization 'is the H-Coal pr0cess ·(Stotler, 1975), developed 
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by Hydrocarbon Research Inc. under mixed government and industry 
sponsorship. The H-Coal process employs no solvent. Instead, 
dried, crushed coal is slurried with heavy distillate from the 
process, pressurized mixed with compressed hydrogen, preheated and 
fed to an ebul1ated-bed catalytic reactor. Effluent gases are 
cooled to separate heavier components as liquids. Light hydrocarbons, 
ammonia and hydrogen slufide are absorbed from the remaining 
hydrogen-rich gas, which is recompressed and recycled to the input 
slurry. The liquid-solid portion containing unconverted coal, 
ash and oil, goes to a flash separator. The lighter portions go to 
an atmospheric distillation unit, while the bottoms are separated 
with a hydroclone, a liquid-solid separator and a vacuum still. A 
600 ton-per-day H-Coal pilot plant (by Ashland Oil Inc.) is now in 
the final stages of construction near an Ashland Oil refinery at 
Catlettsburg, Kentucky. Like the EDS pilot plant, the H-Coal pilot 
plant will be large enough so that the process conceivably could 
be scaled directly to cO~lercial size without an intermediate 
demonstration phase. 
It is anticipated that coal liquids will become commerically 
available by the late 1980's. However, further upgrading of these 
coal liquids will be necessary to make acceptable quality fuels for 
the home, transportation and industry. The molecular weight is high 
and H/C atomic ratio is low for coal derived liquids. In addition, 
the liquids contain many sulfur-, nitrogen- and oxygen containing 
compounds which must be removed in order for the product end use 
requirement. This is especially true in many applications where 
high quality, low emission fuels are required to meet physical 
equipment standards and stringent environmental constraints. 
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The petroleum refining technology currently used to remove 
sulfur from various fractions is catalytic hydrodesulfurization 
(HDS), which converts the organically bound sulfur, in the presence 
of hydrogen, to hydrogen sulfide and hydrocarbon products. Hydro-
desulfurization can be carried out as a specialized process for 
some feeds, or as part of a more general hydrotreating process that 
upgrades heavier fuels by cracking-hydrogenation with hydrogen to 
increase the hydrogen cohtent of the feed. Hydrodesulfurization and 
hydrotreating are essential steps in upgrading petroleum residual 
fractions, coal liquids, oil from shale and synthetic crude oil 
from tar sands. The technology for hydrodesulfurization of light 
petroleum distillates is old and established (Schuman and Shalit, 
1971). In contrast, hydrodesulfurization technology for heavier 
petroleum residua is relatively new and for synthetic fuels the 
technology is still in the developmental stages. 
In commercial hydrodesulfurization, two types of reactors are 
used: one is the trickle-bed reactor in which partially vaporized 
liq~id feed and hydrogen gas flow concurrently down through a 
stationary bed of catalyst (Adlington and Thompson, 1965); the 
other, used commercially in residuum hydrodesulfurization, is the 
slurry-bed reactor, also referred to as an ebullating-bed reactor 
since the catalyst ~articles are held in suspension by the upward 
velocity of the liquid reactant through which hydrogen flows 
cocurrently (Satterfield, 1970). 
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The major disadvantages of fixed bed operation are 1) the 
inability to add fresh catalysts and withdraw spent material to and 
from the reactor continuously, 2) the requirements of reactor 
staging and cooling by gas-quenching to maintain a narrow reactor 
temperature profile, 3) the necessity to operate at relatively low 
conversion per pass so as to utilize cold liquid recycle to cope 
with the heat of reaction and 4) the possibility that residual oils 
may give rise to excessive deposits in the bed leadin0 to catalyst 
deactivation, reactor plugging and pressure drop in the bed, 
resulting in frequent slow-down, high plant investment and high 
daily- operating costs. 
Alternate reactor designs of an ebullated/f1uidized catalyst 
bed with three phase operation may create some disadvantages. 
Because of three phase operation, hydrogen must dissolve in and 
diffuse through the liquid film on the catalyst to reach the internal 
active catalysis sites. If the solubility and rate of diffusion 
are insufficient to supply the required amount of hydrogen, either 
thermal or non-selective catalytic reactions can occur leading to 
undesirable reactions and higher hydrogen consumptions. 
Haag, et. al. (1953) studied the hydradesulfurization of a 
480-660°F, 36 API gas oil at 750 psia and 710°F. He could obtain 
complete vaporization of this oil with a hydrogen/oil ratio of about 
4000 SCF/Bb1 at the reaction condition mentioned above. Van Deemter 
(1965) reported a vapor-phase hydrodesulfurization of straight run 
gas oil (180-370°C) over a Co-Mo-Al catalyst at 50 atm and 375°C 
with a hydrogen/oil ratio of 1500 Nl/Kg. Delcos, et al. (1966) 
studied the fluid-bed hydrocracking of residual stacks. The system 
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consisted of the fluidization of wet catalyst particles coated with a 
a thin film of oil, with hydrogen as the continuous phase. The 
authors indicated that feedstocks having a relatively higher end 
point of about 550°C can be vaporized in the presence of a high 
mole% (about 95 mole% or higher) of hydrogen at a pressure of 2500 
psig and a temperature of about 455°C. Basu (1976) showed that a 
catalytic cracking cycle oil (288-343°C) could be vaporized 
completely at 380°C, 1000 psig and 400°C, 1500 psig with a hydrogen/ 
oil feed ratio of 2500 std cc/cc oil. He also found out the vapor-
phase operation of a Synihol Coal-oil (250-4l2°C) could be maintained 
at 440°C, 1500 psig and 425°C, 1000 psig with a hydrogen/oil feed 
ratio of 4000 std cc/cc oil. 
Considering the great importance of catalytic hydrodesulfuriza-
ticn in meeting the low sulfur requirement, particularily for 
heavier feeds, the need for improved processes has motivated this 
study of the vapor-phase hydrodesulfurization of coal derived liquids 
in a fluidized bed reactor. -
The objectives of this work are to 1) determine the feasibility 
of vapor-phase fluidized bed hydrodesulfurization of commercially 
potential feedstocks obtained from coal, petroleum, oil shale or 
tar snads, for example Solvent Refined Coal liquid (SRC-II), 2) 
quantify the kinetics of sulfur removal of SRC-II liquid and 3) 
compare the extent of hydrodesu1furization of SRC-II liquid in a 
fluidized bed reactor to that in a fixed bed reactor. 
With such a fluid bed hydrodesulfurization system, it would be 
possible 1) to operate at near isothermal conditions and higher 
conversion per pass without the need of reactor staging, gas 
quenching and cold liquid recycle, therefore reducing capital and 
operating costs considerably, 2) to maintain optimum catalyst 
activity by adding fresh catalyst and \~ithdrawing spent catalyst 
continuously between the reactor and regenerator, 3) to obtain 
essentially a constant yield and quality of products from iso-
thermal operation and constant catldyst activity, 4) to change 
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feed or product quality on a given feed by controlling the catalyst 
withdrawal rate to adjust the equilibrium activity and 5) to 
employ smaller catalyst particles for a better catalyst effective-
ness factor. 
In this study, a continuous~ bench-scale fluidized bed reactor 
system has been used to carry out the experiments. Two feedstocks, 
were used: one a heavy gas oil to check out the hydrodesulfurization 
reactor system and analytical methods, the other, a coal derived 
liquid from the Solvent ~efined Coal (SRC-II) process, to study 
the kin~tics of hydrodesulfurization and obtain a comparison between 
fluidized and fixed reactors. A commercial cobalt-molybdenum oxide 
on alumina catalyst was used in this WQrk~ 
In the next three chapters, pertinent literature is reviewed, 
the experimental equipment and set up are described, and the results 
are presented and are discussed. The final conclusions are 
summarized briefly in Chapter 5. 
CHAPTER 2 
LITERATURE REVIEW 
Developments in petroleum refining technology in the last two 
decades have brought hydroprocessing reactions to a level of 
economic importance equal to cracking and reforming. The most 
important hydroprocessing application is hydrodesulfurization, which 
involves removal of sulfur from heterocyclic sulfur-containing 
compounds by their catalytic conversion with hydrogen into hydrogen 
sulfide and hydrocarbons. 
Catalytic processing of light petroleum feedstocks with hydrogen 
to remove sulfur is carried out with several objectives, among them 
the pretreatment of .catalytic reformer feeds to avoid poisoning the 
sulfur-sensitive precious metal catalysts and the treatment of 
gasoline from catalytic cracking to provide sweetened and stabilized 
products. Hydrotreating of heavier petroleum fractions to produce 
high-quality diesel and jet fuels is of increasing importance. The 
incentive is now strong for the removal of sulfur from heating and 
residual fuel oils in order to meet environmental sulfur dioxide 
limitations set up by the Utah state and federal pollution control 
agencies. The need for clean fossil fuels also extends to coal, 
tar sands and shale oil. In the last few years a major effort has 
gone into the development of processes for converting these materials 
into low sulfur liquids. 
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The following discussion briefly reviews some of the important 
aspects of hydrodesulfurization technology. 
2. 1 Sulfur-Containing ComQounds 
The organic sulfur-containing compounds present in petroleum 
and coal liquids have been largely identified (Gates et al., 1979) 
and fa 11 into the classes shown in Table 2.1. 
The compound classes are listed roughly in the order of 
decreasing reactivity in hydrodesulfurization; sulfides and thiols 
are very reactive relative to the thiophenic compounds. 
Typically, 50 to 80% of the sulfur-containing compounds in gas 
oil and residuals are thiophenic in nature, of which the two, three 
and four ring classes of thiophenic compounds predominate (Jewell 
et al., 1975, 1976). The di-, tri- and poly- aromatics subfractions 
of these feeds are where the sulfur compounds are most concentrated, 
and from which most of the sulfur is removed. 
Drushe1 (1972) indicated that the asphaltene and resin sub-
fractions of residuals were not desulfurized, but were decomposed to 
the mono- and po1y- aromatic fractions which were desulfurized. 
Thus more than half of the sulfur in gas oil and residuals may 
occur naturally in two, three and four ring thiophenic compounds, or 
is converted to one of these prior to being desulfurized. The 
sulfur constituents in coal liquids were reported by Akhtar et ale 
(1974) to be thiophenic or condensed thiophenic compounds with only 
one exception (dialkyl-sulfide). 
TABLE 2.1 
Sulfur-Containing Compounds Present 

















*From Chemistry of Catalytic Processes by B.C. Gates, J.R. Katzer 
and G.C.A. Schuit. Copyright (c) 1979. Used with the permission 
of McGraw-Hill Book Company. 
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2.2 Comparison of the Reactivities 
of Sulfur-Containing Compounds 
13 
Nag et a1. (1979) measured the rates of hydrodesu1furization of 
thiophene, benzothiophene, dibenzothiophene and benzoaphthothiophene 
in a high pressure autoclave reactor using a su1fided Co-Mo~- A1203 
catalyst and compared the reactivities of these thiophenic compounds. 
The reactivity sharply decreased as the number of rings in the 
reactant increased from 1 to 3, but the four-ring compound was 
slightly more reactive than the three-ring compound. These results 
i ndi cated di benzothi ophe'ne as the reactant mos tin need of careful 
study. Unlike the often-studied thiophene, it is one of the most 
difficult compounds to remove from heavy petroleum feedstocks and 
coal-derived liquids. Therefore, it may be considered a represen-
tative compound for these feedstocks, especially coal-derived 
liquids, in which the substituent groups on the aromatic rings are 
usually small (e.g., methyl groups) and present in low concentra-
tions. A summary of the comparison of first-order rate constants 
made by Nag et al. is given in Table 2.2. 
2.3 Reactions 
The most important reactions occuring in hydrodesulfurization 
are summarized in the following paragraphs. 




Comparison of the Reactivities of Thiophenic 
Compounds in Hydrodesu1furization at 300°C 
and 71 atm (Nag et a1. 1979)* 
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First Order Rate Con-
Reactant stant {cm3/g-cat hr) 
{[] Thiophene 4980 + 360 
s 
([Q Benzothiophene 2920 + 500 
0:1) Dibenzothfophene 220 + 10 ~ s ~ 
~ Benzonaphthothiophene 580 + 75 ~ s ~ ~ 
Ct1XJ 7,8,9,10-Tetrahydro- 280 + 10 ~ s ~ benzonaphthothiophene 
Reprinted by permission from Academic Press, Nag, N.K., Spare, 
A.V., Broderick, D.H. and Gates, B.C., J. Cata1., ~, 509 
(1979). Table 1 of p. 510. 
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2) Hydrogenolysis of C-C bonds · (hydrocracking): 
--_. R - CH3 + R I - CH 3 
3) Hydrogenolysis of C-N and C-O bonds: 
--~. RH + NH3 
4) Hydrogenation of olefenic compounds: 
R - CH = CH - R I + H2 --..... R - CH2 - CH2 - R I
5) Hydrogenation of aromatic rings. 
The latter four classes of reactions are responsible for 
excessive consumption of hydrogen without removing sulfur. As such 
they are often undesirable economica.lly unless they are necessary 
to give desirable product qualities. 
6) Competi ng therma 1 decompos i ti on reacti on s occur at the hi gher 
extremes of the temperature used in hydrodesulfurization to produce 
molecular-weight reduction, e.g., 
Disulfides--•• Lower molecular-weight thiols 
7) Demetallization reactions are important in the hydrodesulfuri-
zation of residua. The heaviest fractions of some petroleum 
feedstocks contain significant amounts of organometallic compounds, 
such as nickel and vanadium. These react to produce inorganic 
products (solid metal sulfides), which can plug the catalyst pores 
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or the interstices of a fixed bed of catalyst particles and result 
in an extensive pressure drop in the reactors. 
8) Condensation reactions are also thermodynamically possible 
over the range of. temperature used in hydrodesulfurization, e.g., 
the reaction of two molecules of a thiol to produce an open chain 
sulfjde and H2S. 
9) Coking reactions, common to virtually all hydrocarbon reaction 
processes, occur as well as in hydrodesulfurization. 
10) Dehydrocyclization may occur at the higher temperature limits 




• C4H4S + 3H2 
thiophene 
Hydrodesulfurization reactions are exothermic and nearly 
irreversible (Schuman and Sha1it, 1970) at temperatures and 
pressures ordinarily applied, roughly at 300 to 450°C and up to 
200 atm. The heats of reaction are in the range of 10 to 20 kcal/ 
mole of hydrogen consumed, or roughly 50 to 100 Btu/Std.cu.ft. and 
~re sufficient to raise the t~mperature of the reacting materials 
about 20 to 80°C. 
2.4 Reaction Networks 
Dibenzothioph~ne belongs to the family of thiophenic homo1ogs 
of which thiophene and benzothiophene represent the lower molecular 
weight and are more widely studied members of the family. The 
hydrodesulfurization of thiophenes have been studied extensively 
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by Owens and Amberg (1961, 1962), and Desikan and Amberg (1963), 
Weisser and Landa (1973) and Cowley (1975). In summary, Amberg and 
coworkers suggested the network in Figure 2.1, in which the carbon-
sulfur bond cleavage to form 1, 3-butadiene rather than hydrogena-
tion of the C = C bond, was the first and reaction rate determining 
step. In their picture the dashed lines represent possible 
reactions that could not be eliminated but were not observed. They 
also observed that H2S inhibited the reaction of thiophene and the 
hydrogenation of butene, but it had little effect on cis-trans 
isomerization or butadiene conversion to butenes. These results 
suggest that catalysts have more than one type of active site. 
However, Moldavski et ale (reviewed by Weisser and Landa, 1973) 
suggested that for high pressure (80 atml hydrodesulfurtzation of 
thiophene with MoS3 as catalyst,' a st~pwise addition of hydrog~n to 
the thiophene ring occurred first, followed by hydrogenolysis of 
first one, then the other C-S bond. The differences in the 
Mo1davski and Amberg networks were possibly due to the different 
hydrogen partial pressures used in each study. Questions concerning 
the effect of high hydrogen partial pressure on the chemistry of 
desulfurization are raised frequently and point to a need for more 
comprehensive studies at high pressures. 
In contrast to thiophene, the benzothiophenes may undergo 
hydrogenation more rapidly than desulfurization, and desu1furization 

























C FAST C C 
"Solid Surfaces and the Gas-Solid 
Interface" 
Figure 2.1 Thiophene Hydrodesulfurization Network. 
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Reprinted by per'mission of the Alilerican Chemical Society, 
Division of Petroleum Chemistry, Owens, P.J. and Amberg, C.H., 
in ' "Solid Surfaces and Gas-Solid Interface," L.E. Copeland, 
Ed., ADVANCES IN CHEMISTRY SERIES No. 3J~ ~nierican Chemic~l 
Society: Washington, DC, . 1961) p. 185. 
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benzothiophene hydrodesulfurization have been conducted at 
atmospheric pressure (Givens and Venuto, 1970 and Kilanowski et al., 
1978) and at 86 atm by Daly, 1978. Givens and Venuto reported that 
a hydrogenation-dehydrogenation equilibrium was established at a 
rate higher than that of desulfurization in a steady-state flow 
reactor packed with a commerica1 Co-Mo/A1203 catalyst containing 
2.4 percent Co and 6.7 percent Mo. 
4-
5~3 SVS JJ2 + H2 
7 
I II 
This information and the result that the hydrogenated compound 
II (dihydrobenzothiophene) was found as a product of reaction of 
the benzothiophene I is consistent with the identification of the 
hydrogenated compound as an intermediate in the hydrodesu1furization 
of Compound I. The reaction network for benzothiophene proposed by 
Daly is shown in Figure 2.2. The two paths are a) prehydrogenation 
of benzothiophene to give 2,3-dihydrobenzothiophene which then 
desu1furizes to give ethyl benzene as the final product; and b) 
direct hydrogenolysis of the sulfur-carbon bonds to give styrene as 
an intermediate product which then hydrogenates to ethyl benzene. At 
the conditions studied no hydrogenation of the benzenoid ring of 
benzothiophene was observed, nor cracking of C-C bonds reported. 
Cawley (1951) suggested that hydrogenolysis of the thiophenic 
ring is prec€ded by hydrogenation of one of the two benzenoid rings 
in dibenzothiophene hydrodesulfurization, and cyclohexylbenzene is 
-H 2S 1(6) 




-H 2S 1 H2 
-H S 2 
+H2 ) ©-CH2CH3 
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Figure 2.2 Reaction Scheme for Benzothiophene Hydrodesulfurization 
at 85 atm and 200 to 400°C. 
Reprinted by permission of Academic Press, Inc., Daly, 
F.P., J. Catal., 51,221 (1978). Scheme 1 of p. 225. 
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the major product, i.e., 
This observation connotes that hydrodesulfurization of dibenzothio-
phene-containing petroleum fractions or coal liquids consume more 
hydrogen than required for simple sulfur hydrogenolysis. Houa11a 
et a.l., (1978) presented a detailed reaction network for the hydro-
desulfurization of dibenzothiophene over sulfided Co-Mo/y-A1203 at 
300°C and 100 atm as shown in Figure 2.3. From kinetic studies of 
hydrodesulfurization of dibenzothiophene in tetralin (2-10 wt%) 
over sulfided CoO-Mo03/Si02-y-A1203 in a laboratory scale trickle-
bed reactor at 285 to 350°C and pressures up to 40 atm, Singhal and 
Espino (1978) suggested the network in Figure 2.4. Only biphenyl 
and cyclohexy1benzene were observed as products. Biphenyl reacted 
very slowly at reaction conditions to give cyclohexylbenzene, while 
cyclohexylbenzene did not react at all. 
2.5 Catalysts 
Hydrodesu1furization reactions are catalyzed by supported 
transition metal sulfides or oxysu1fides. They normally contain 
2.5 wt% Co and 12-20 wt% Mo on alumina, and under operating condi-
tions the metals are in the form of sulfides. The Co-Mo catalysts, 
cOrmlonly referred to as "coba1t mo1ybdates " do not contain cobalt 
molybdate (Lipsch and Schuit, 1969), but do probably contain 
Figure 2.3 
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Reaction Network in Hydrodesulfurization of 
Dibenzothiophene 
From Chemistry of Catalytic Processes by 
M. Houalla, N.K. Nag, A.V. Spare, D.H. 
Broderick and B.C. Gates. Copyright (c) 
1979. Used with the permission of 
McGraw-Hill Book Company 
Figure 2.4 Proposed Reaction Networks for Dibenzothiophene 
Hydrodesulfurization 
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Reprinted by permission of the American Chemical 
Society, Division of Petroleum Chemistry, Espino, 
R.L., Sobel, J.E., Singhal, G.H. and Huff, G.A. Jr" 
ACS, Div. Petrol. Chem., Prepr., 23 (1), 46 (1978). 
To adapt the conclusion of liThe Mechanism of hydro ... 
desul furi zati on of di benzothi ophene. II. 
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mixtures of sulfides or oxysulfides (de Beer and Schuit, 1976). The 
presence of Mo is essential to the activity of the catalyst, and Co, 
having no activity alone, acts as a promoter. Other metals such as 
nickel and tungsten are used less frequently in hydrodesulfurization. 
However, they are frequently the choice for hydrodenitrogenation, 
and are the preferred catalyst for hydrocracking when they are 
supported on Si02-A1203. 
Hydrodesulfurization catalysts are used as porous particles or 
extrudates, typically having dimensions of 1.5 to 3 mm. The particle 
size and pore geometry significantly influence catalyst performance, 
especially for the heaviest feeds, since intraparticle mass trans-
port has a significant influence on reaction rates. 
Co-Motf-A1203 and other hydrodesulfurization catalysts are 
extremely compJex and a~e still the focal point of extensive study. 
Several models of the active catalyst surface structure and 
chemistry have been proposed. However, molybdenum is always the 
center of at least much of the hydrodesulfurization catalytic 
activity of Co-Mo/y-A1203 either as a ~onstituent of an epitaxial 
monolayer of molybdenum oxysulfide (monolayer model) on the Y-A1203 
surface, or on the faces and edges of MoS 2 crystallites dispersed 
on the support (intercalation or synergetic model). In the monolayer 
model, 02- ions in the capping layer of oxygen above the Mo layer 
on the y-A1203 surface are replaced with S2- ions upon sulfiding, 
but otherwise the highly dispersed state of molybdenum is maintained 
(Schuit and Gates, 1973). Active sites are believed to be sulfur 
anion vacancies exposing single and dual Mo3- sites. Promoter 
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cations of Co occupy tetrahedral or octahedral vacancies in the 
support surface layers. The intercalation model (Voorhoeve and 
Stu;ver, 1971) assumes the formation of an MoS2 layer structure on 
top of an inert support upon sulfiding; the close-packed layers of 
sulfur atoms create trigonal prismatic interstices which are occupied 
by the metal ions. Co may be intercalated between sulfur layers at 
the edges of the layers. In the synergetic model, a C09S8 phase is 
formed which acts synergistically in promoting hydrodesulfurization 
when in contact with the MoS2 phase. Evidence for the promotional 
effect of Co is the large Co to Mo molar ratio necessary for maxi-
mum activity and the observed synergism in desulfurizing thiophene 
and hydrogenating cyclohexene when MoS2 and C09S8 are mixed as 
compared when either is used separately as the catalyst (Hagenbach 
et al., 1973). 
The current models are likely to change as more information 
is gathered. Based on the models mentioned above, the active 
centers of Co-Mo/y-A1203 catalysts are believed to include sulfur 
anion vacancies exposing electrophilic cations where sulfur-
containing molecules can adsorb and undergo hydrogenolysis reactions. 
2.6 Reaction Mechanism 
An early mechanistic explanation proposed by Lipsch and 
Schuit (1969a) for the hydrodesulfurization of thiophene is shown 
in Figure 2.5. Chemisorption of thiophene occurs through the 
sulfur atom interacting with an anion vacancy created by the 
reduction of the surface. End-on or vertical adsorption is assumed 
since closer interaction ;s made possible. Reduction of the surface 
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Figure 2.5 Reaction Mechanism for the Hydrodesulfurization of 
Thiophene 
Cl: anion vacancy 
Reprinted by permission from Academic Press, Inc., 
Lipsch, J.M.J.G~ and Schuit, G.e.A., J. Cata1., 15, 
179 (1969a) . Figure 11 of p. 187 
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by dissociative adsorption of hydrogen on S2- anions creates a 
neighborhood of (SH)- groups around the adsorbed thiophene. C-S 
bond scission occurs upon transfer of hydrogen from adjacent (SH)-
groups. Butadiene formed either experiences further hydrogenation 
or desorbs, leaving the sulfur as S2- bonded to Mo6+. The catalytic 
cycle is completed by reduction of the Mo6+ S2- with hydrogen 
giving Mo4+ again and H2S, which desorbs. Thus the molybdenum is 
oxidized and reduced in a surface catalytic cycle. Not all the 
evidence supports such a mechanism. Kolboe (1969) found that more 
butadiene was formed from tetrahydrothiophene than from thiophene 
and suggested that intramolecular dehydrodesulfurization actually 
occurred. Hydrogen from the S carbons of thiophene combined with 
sulfur, leaving a dehydrogenated species on the surface (diacetylene 
from thiophene or butadiene from tetrahydrothiophene). 
Singhal and Espino (1978) drew a parallel between adsorption on 
Co-Mo catalysts and chromium tricarbonyl-thiophenic complexes. They 
found that chromium tricarbonyl forms complexes with the benzenoid 
rings of dibenzothiophene, but not with the thiophenic ring. 
Extrapolating to the Co-Mo catalyst, they suggested IT-complexation 
of the same benzenoid ring of dibenzothiphene with the exposed 
surface metal to be the bonding associated with chemisorption. A 
mechanism suggested for dibenzothiophene incorporating a planar 
IT-complex is depicted in Figure 2.6. After the initial IT-complex 
is formed, the double bonds of the complex ring are polarized and 
hydrogenation occurs giving a dihydrodibenzothiophene intermediate. 





Figure 2.6 Mechanism of Hydrodesulfurization of Dibenzothiophene 
Indicating Parallel Paths. 
Repri nted by permi ss i on of the J\meri can Chern; 6a 1 Soc; ety, 
Division of PetrQleum Chemistry, Singhal, G.H. and 
Espino, R.L., ACS Prepr., Div. Petrol. Chern., 23, 1, 36 
(1978). Figure 4 of p. 40. 
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o-phenylthiophenol with desulfurized to biphenyl, or 2) further 
hydrogenation of the ring occurs giving tetra- or hexahydrodibenzo-
thiophene (0), the ring opens to give (E) and desulfurization 
produces cyclohexylbenzene. 
The chemistry of hydrodesulfurization of dibenzothiophene and 
other larger thiophenic compounds is only partly understood. It is 
expected that better mechanistic models will result as more is 
learned of the kinetics and chemistry not only of desulfurization 
reactions, but of hydrogenation reactions, and the active surface 
sites associated with these reactions as well. 
2.7 Reaction Kinetics 
Kinetics studies using individual sulfur compounds have usually 
indicated simple first order kinetics with respect to sulfur. Frye 
and Mosby (1967) studied hydrodesulfurization for three components, 
a trimethy1benzothiophene (A), another trimethy1benzothiophene (B), 
and dibenzothiophene at 290°C and 15 atm. For each sulfur-containing 
compound, the logarithm of the fraction remaining unconverted 
decreased in proportion to the inverse space velocity, suggesting 
that the hydrodesulfurization reactions were first order in the 
sulfur compound concentration. These authors also reported up to 
fivefold variations in rate for compounds with the same molecular 
weight, as e~mplified by substituted benzothiophenes. 
Satterfield and Roberts (1968) used a 3 percent Co and 7 
percent Mo on alumina catalyst to study the kinetics of thiophene 
hydrodesulfurization in the absence of mass-transfer influence at 
atmospheric pressure and 235 to 265°C. The feeds contained various 
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concentrations of thiophene and H2S. Reaction rate data was 
determined from low conversions attained in a steady-state 
recirculation-flow reactor. The data for rates of thiophene 
disappearance (Hydrogenolysis) and rates of butane formation (butene 
hydrogenation) were correlated with Langmuir-Hinshelwood rate 
equations as follows: 
rHOS = 
Several important qualitative results are confirmed by the litera-
ture: 1) H2S inhibits both the hydrogenolysis and hydrogenation 
reactions, 2) significant amounts of reactant thiophene and butene 
are adsorbed on the catalyst surface in competition with H2S and 
3) the hydrogenolysis and hydrogenation reactions proceed on 
separate catalytic sites. 
Phillipson (1971) reported the study of hydrodesulfurization 
of sulfur compounds found in light distillates over a Co-Mo-Al 
catalyst. The data were represented by the following empirical 
rate equation which showed a dependence of rate on total pressure 
and indicated inhibition by the hydrocarbon heptane: 
rHOS = 1/2 
1/2 1/2 
KII PSPH2 PTot 
PHC (1 - 0.21 PH2S/PTot) 
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The author suggested that the data were useful for design of light 
distillate desu1furization reactors, but they were of little use for 
heavier distillates such as kerosene and gas oils, which contained 
significant amounts of less reactive compounds. 
A study of the kinetics of hydrodesulfurization of light 
catalytic cycle oils (180-330°C) over a Co-Mo-Al catalyst was 
report~d by Frye and Mosby (1967), and was represented in the 




These authors found that hydrodesulfurization was first order in 
hydrogen partial pressure and was inhibited by H2S and by aromatic 
hydrocarbons, including those undergoing hydrodesu1furization. 
In published studies on the kinetics of residua desulfurization, 
it appeared that the use of two simultaneous first order expressions 
(one for easy-to-remove sulfur and a second for difficu1t-to-remove 
sulfur) and pseudo-second order treatment. resulted in a better 
agreement with the experimental data. 
The use of the two simultaneous first order reactions model for 
both untreated and deaspha1ted kuwait vacuum residua was reported 
by Flinn et a1. (1961). Beuther and Schmid (1963) subsequently 
used pseudo second order kinetics treatment as a matter of conven-
ience. The apparent second order behavior was attributed to 
differences in the rate of reaction for the different sulfur com-
pounds which followed first order kinetics. Van Deemter (1965) 
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showed that no single reaction of any order fitted the kinetics data 
of the hydrodesulfurization of a straight run gas oil (260-365°C) 
over a Co-Mo-A1 catalyst in a continuous stirred tank reactor. This 
author found that a system of two simultaneous first order reactions 
with different rate constants resulted in"a better correlation. 
Ohtsuka et a1. (1967) used a second order rate equation to fit 
the results of hydrodesu1furization of Khafji crude oil. Inoguchi 
et ale (1972) also reported that the rate of the desu1furization 
reaction was second order with respect to the sulfur concentration 
in a study of residual fuels. Hisamitsu et a1. (1976) found the 
apparent reaction order varied with change in the reaction temper-
ature for hydrodesu1furization of heavy distillates (235-395°C) at 
80 atm and 340-380°C over a commercial Co-Mo-Al catalyst. 
2.8 Process Engineering 
An extensive summary of commercial operating experiences, 
including details of reactor design, construction and operation 
has been given by Schuman and Shalit (1971), Docksey and Gilbert 
(1967) and Lister (1965). However, in recent years, increasing 
attention has been directed to heavy vacuum gas oils, residual 
fractions and synthetic fuels. Fortunately, much of the desu1fur-
ization technology developed with distillates is applicable in 
some extent to the hydrodesulfurization of the heavier feedstocks. 
For example, supported sulfides of Group VIB and Group VIII 
elements are efficient and widely used catalysts for desulfuriza-
tion of distillates. These same catalysts are also effective for 
removal of sulfur from residual fractions although, in general, 
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more severe conditions will be required with the residua. Typi ca 1 
operating conditions for three different feed classes are given in 
Table 2.3 (Gates et a1., 1979). It is obvious that high pressures 
• 
and high temperatures are required and that the severity increases 
in steps as the feed changes from light petroleum fractions to heavy 
petroleum fractions and to synthetic fuels. 
On the other hand, processing of the heavier feedstocks 
presents several problems not found with distillate and modifications 
have been developed to meet the special requirements of these 
desu1furization. Processes for hydrodesulfurization employing either 
a fixed, fluidized or ebullating catalyst bed have been under 
intensive study for a number of years. 
The Gulf HDS process has been described in several publications 
(Beuther and Schmid, 1963; Anon, 1964 and 1965). The flo~~scheme 
for this fixed bed process is conventional. Oil plus recycle 
hydrogen are preheated and pass downflow over the catalyst; oil flow 
is once-through whereas unreacted hydrogen is recycled. Operating 
conditions are normally in tl1e range of 750-850°F, 500-3000 psig 
and 0.5-2.0 vol/hr/vol, with recycle gas rate of 2000-10,000 SCF/Bbl. 
Desulfurization and the conversion to light distillates are a 
function of operating condition. At mild severity, over 65% of the 
sulfur was removed from a 5.5 API Kuwait vacuum residuum (5.5 wt% 
sulfur) and 92.3 vol% yield of 670°F+ fuel containing 2.0 wt% sulfur 
was obtained. In addition to small quantities of gas and naphtha, 
there was also found 7.5 vo1% yield of a 400-670°F furnace oil 
containing 0.2% of sulfur. 
TABLE 2.3 
Approximate Processing Conditions in 
Catalytic Hydrodesulfurizationa 




Pressure range, atm 
LHSV, vol feed/vol 
cata1yst-hr 
H2 recycle rate, 
std ft 3/bb1 




300 - 400 
35 - 70 
2 - 10 






340 - 425 
55 - 170 
0.2 - 1 
200 - 10,000 




400 - 460 





aprocessing conditions have been inferred from many literature 
sources. 
*From Chemistry of Catalytic Processes by B.C. Gates, J.R. Katzer 
and G.C.A. Schuit. Copyright (c) 1979. Used with the permission 
of McGraw-Hill Book Company. 
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The Institute Francais du Petrole reported the development of 
a process for the desulfurization of crude oil with minimum hydro-
cracking (Thonon et al., 1959). Operating conditions were 660-840°F 
and 30 to 150 atm pressure. They stated that catalyst life 
approached 10 bbl/lb and had not been troubled with catalyst 
deactivation. However, the catalyst was not disclosed in the paper. 
It was emphasized that operating conditions must be carefully 
controlled to avoid excessive coke formation. 
Hisamitsu et ale (1976) studied the hydrodesulfurization of 
two vacuum gas oils (235~395°C) over a commercial Co-Mo-A1 catalyst 
at 340°C to 380°C and 1150 psig. These authors measured hydrogen 
consumption by three different methods. Other fixed bed studies 
of hydrodesulfurization included Inoguchi et al., (1972), Ohtsuka 
etc!1., (1966) and Hecketal. (1977). 
Adlington and Thompson (1964) reviewed the more important 
problems in development of a hydrocatalytic process for desu1fur-
ization of residual fuel oils with special emphasis on the physical 
factors affecting reaction rate. In comparing fixed and fluidized 
systems, these authors concluded from theoretical considerations 
that considerable activity advantages would accrue from the use of 
small particles (less than 1/8 inch diameter) and that the fluid-
ized bed was better suited for residuum processing than fixed beds. 
With residual fractions, the fluidized reactor was a three-phase 
system consisting of solids dispersed in a liquid phase with a 
hydrogen rich gas phase. Their studies suggested that recycle 
ratio, desulfurization level and reactor height were all closely 
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interrelated in a fluidized system. Because a given desu1furization 
level might be obtained at a given liquid mass velocity by varying 
either the reactor height or the recycle ratio. 
A fluidized contacting system was employed in the H-oil process 
which was adaptable to either hydrodesulfurization or hydrocracking 
for a wide range of gas oils and residua. In this process, a 
mixture of liquid oil and hydrogen was fed into the "bottom of the 
ebullating bed of catalyst. The catalyst bed was expanded in 
excess of its settled volume and was in a state of motion induced by 
the upward velocity of the oil and hydrogen. Several process 
advantages over fixed be~ reactors for residuum processing were 
ascribed to the ebullating bed (Chervenak et a1. 1960; Griswold et 
a1., 1966 and Van Driesen et al., 1964). The catalyst could be 
added or withdrawn fro~ the reactor continuously to control 
activity. Temperature variations throughout the bed were small, 
2-4°F, thus resulting in near isothermal conditions. The top of 
the ebullating bed was sharply demarcated from the non-solid phase 
above it and the liquid oil at the top of the reactor was readily 
recycled to the inlet to provide a heat sink. Catalyst staging 
could be employed to minimize the effect of organo-metallics and 
other poisons deposited on the catalyst when processing residual 
oils. Since the catalyst was in a state of constant motion, foreign 
materials and fine particulate matter migrate through the bed with 
no tendency to accumulate and result in pressure drop buildup. 
Catalyst particles consisting of 1/16 inch extrudate were used. 
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2.9 Gas-Solid Fluidization 
As mentioned in Chapter 1, the advantages of fluidized bed 
operation over other types of gas-solid contacting schemes moti-
vated this study of the vapor-phase hydrodesu1furization of coal 
derived liquid in a fluid-bed reactor. 
The purpose of the following discussion is to present some 
literature data regarding a few basic characteristics of fluidized 
beds at pressures and temperatures above ambient. 
2.9.1 Minimum fluidization velocity. The minimum fluidization 
velocity, Umf' is the most important constant of a fluidization 
system. Generalized correlations for engineering purposes have 
been developed for gas-solid fluid beds to estimate Umf. A common 
approach is to equate an expression for the relation between 
pressure drop and superficial velocity for a fixed bed with the 
pressure drop equal to the buoyant weight of the particles (6Peq). 
This necessitates a knowledge of the voidage of the bed at minimum 
fluidizing velocity (smf). The 6Peq is given as follows: 
where W is the buoyant weight of catalyst bed and At is the cross-
sectional area of column. By rearranging, 
(2-2) 
Ergun (1952) proposed a correlation for the pressure drop through 
fixed bed as follows: 
6P(gc)/Lmf = 150 uf Umf (¢s d)-2(1 - Emf)2/Emf3 
+ 1.75 Pf Umf2 (¢s d)-l(l - Emf)/Emf3 (2-3) 
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wl1ere ¢s is the shape factor (surface of sphere/surface of arbitrary 
shaped particle based on same volume as a sphere). Equating 
Equations (2-2) and (2-3) one gets: 
Ga = 1.75 (¢s Emf3)-'(Remf)2 + 150 Remf(l-Emf ) 
(¢s2 Emf3)-1 (2-4) 
where, 
Ga = Galileo Number or Archimedes Number 
= 9(Uf-2 d3 Pf) (ps - Pf) 
Equation (2-4) is not convenient for the engineering design 
calculation because the information pertaining to Emf and ¢s are 
usually unavailable. 
Wen and Yu (1966) found that for a wide variety of systems, 
and (2-5) 
• Substituting Equation (2-5) into Equation (2-4) to eliminate Emf 
and ¢s' Wen and Yu proposed the generalized correlation: 
1/2 
= Remf = (33.72 + 0.0408 Ga) - 33.7 (2-6) 
The equation (2-6) gives Umf in terms of the usually specified 
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variable of densities, particle size and gas velocity. Wen and Yu 
reported that for 284 data points in a Remf range of 0.001 to 4000, 
Equation (2-6) predicted Umf with a standard deviation of 34%. They 
also derived the equation Ga = 1060 Re~f687 based on drag force con-
sideration in particulate fluidization system and showed that this 
equation agrees closely with Equation (2-6). 
Kunii and Levenspiel (1969) recommended that Umf be obtained by 
plotting experimentally measured bed pressure drop against gas 
velocity and defining the velocity, at which the straight line 
through the points for fixed bed region intersects the ~Peq value 
as the minimum fluidization velocity. 
However, the bed is not fluidized as a whole until all the 
solid particles are fully supported in the fluid and the pressure 
drop becomes exactly equal to ~Peq. The minimum velocity at which 
this occurs is termed the full supporting velocity, Ufs. This could 
be a difficult quantity to determine accurately if the pressure drop 
reaches its limiting value (~Peq) very gradually. Richardson (1971) 
indicated the value of Ufs may well be influenced by the initial 
packing of the solids and bed support. 
Frantz (1966) observed that experimental values of Umf increased 
with bed height up to one foot and then were essentially constant 
and independent of bed height. 
In Mori's (1973) study, Umf was defined as the velocity of 
which the lines (in a pressure drop versus velocity plot) drawn 
through the points for fixed and fluidized region intersect. This 
seems to be a very important factor as there exists the possibility 
of extending the straight line of the fluidized region through 
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the transitional one and if the latter is large, major discrepancies 
could occur in finding Umf values. The author also reported wide 
deviation of 6P compared to 6Peq for high pressure fluidized beds 
using glass bead and coal particles. A 6P/~Peq ratio of 2.03 was 
reported for fluidization of coal particles, 0.0363 cm average 
diameter, with CO2 at 500 psig and 47°C. 
Trivedi and Rice (1966) observed that the ~P/6Peq ratio ranged 
from 0.85 to 1.4 over the range of bed depth/diameter ratio from 
1.41 to 14.87 for column diameters of 1.769 and 4.25 inches; 
pressure drop kept rising with increasing air velocity for deeper 
beds in the fluidized region. For a smaller range of bed depth/ 
diameter ratio, Lewis et al. (1949) reported the ~P/~Peq ratio of 
0.98 to 1.15 for 2.5 and 4.5 inches tube diameters. In general, 
for shallow beds, the bed fluidi2ed at a value of pressure drop 
smaller than that equivalent to the weight of the bed and for 
deepter beds the value of pressure drop at higher gas velocities 
was greater than that equivalent to the bed weight. 
2.9.2 Bed expansion at high pressure. Richardson and Zaki 
(1954) presented an equation to predict the relationship between 
voidage and velocity where wall effects were negligible, i.e., 
U/UT = sn 
where, n = 4.35 Re-0 .03 for 0.2 < Re < 1 
n = 4.45 Re- 0. 1 for 1 < Re < 500 
Ur= terminal velocity of the particles 
U = superficial velocity of fluid 
~ = porosity for fluid beds 
Mogan et al. (1969) showed that the equation used above by 
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Richardson for estimation of bed porosity € at atmospheric pressure, 
can also be used for high pressure fluidized beds. These authors 
also recommended the use of Beranek and Klumper's (1956) method 
for obtaining UTa 
Creasy (1971) suggested an empirical equation for bed expan-
sion at high pressure: 
for Re < 0.2 
As Re increase to 10, the exponent falls to 3.5. 
Richardson (1971) indicated the exponent n can be evaluated, 
provided the one set of corresponding values of U and € (other than 
at ~ = 1) was available. The author compared the estimated n to 
the values determined by other researchers and showed that the 
experimental values were consistently somewhat lower than the 
predicted values. It suggested that the friction factors for fixed 
beds are higher than for a fluidized bed at the minimum fluidizing 
velocity. 
2.9.3 Quality of fluidization. Quality of fluidization 
generally refers to whether a bed is smooth or aggregative. A 
smoothly fluidized bed is described as the apparently homogeneous 
bed expanding particu1ate1y as Gmf ;s exceeded and aggregative bed 
is the bed which forms solid-free bubbles as Gmf is exceeded. 
Wilhelm and Kwauk (1948) suggested the Froude Number, (Frmf = 
umf
2/dg), as a criterion to distinguish between these two modes of 
fluidization, a large value (>1.3) indicating aggregative fluidi-
zation and a small value «0.13) indicating the particulate fonn. 
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Kunii and Levenspiel (1969) suggested the following criterion: 
and 
where ~f is the bed height at onset of fluidization and dt is the 
column diameter. 
Creasy (1971) pointed out qualitatively that as the pressure 
increased at constant temperature, the value of Gmf increased 
monotonically and the excess gas (G-Gmf) available for bubble 
formation was reduced. Conversely, increasing temperature at 
constant pressure means more excess gas is available which would 
be expected to aggravate the bubbling situation, but there is a 
possibility that some of the excess gas may cause the bed to 
expand particulately and so reduce the amount available for bubble 
formation. 
Lee et a1. (1970) studied fluidized bed coal gasification in 
a four inch reactor at a pressure of 1000 psig and a temperature 
of l700°F. These authors indicated the bed was fully fluidized at 
0.18 ft/sec, whereas the Umf was 0.09 ft/sec. According to them, 
this is an important characteristic of high pressure fluid beds 
indicating the smoothness of transition from fixed to fluid bed. 
These authors commented that high U to Umf ratio would be required 
to fluidize the bed at atmospheric pressure. However, it was 
43 
possible to obtain smooth fluidization with low U/Umf ratio at high 
pressure. 
Hoffert et al. (1959) noted that the quality of the fluidiza-
tion improved with an increased pressure. 
The quali~ of fluidization is discussed further in Chapter 4 
in light of the findings of this work. 
CHAPTER 3 
EXPERIMENTAL 
This study was concerned with the vapor-phase hydrodesulfuriza-
tion of a coal derived liquid in a fluidized bed and a fixed bed of 
cobalt-molybdenum sulfide on alumina catalyst at high pressure and 
high temperature. A bench-scale continuous fluidized bed reactor 
system was built for this study. This chapter describes the feed-
stocks, experimental equipment and set up, hydrodesulfurization 
catalyst, procedures followed in performing the experiments and 
analytical methods. 
3.1 Feedstocks 
3.1.1 Heavy gas oil. The heavy gas oil feedstock was obtained 
from the Salt Lake Refinery of the American Oil Company. It was 
used to check out the fluid bed hydrodesu1furization system. The 
properties of the feed are given in Table 3.1. 
3.1.2 Solvent refined coal liquid. The coal liquid was 
obtained from the Solvent Refined Coal pilot plant at Tacoma, 
Washington and was used to determine the effect of process variables 
on desulfurization. The properties of the coal oil feed used in 
this study are also given in Table 3.1. 
3.2 Hydrodesulfurization Catalyst 
3.2.1 Catalyst properties. The catalyst used for fluid bed 
TABLE 3.1 
The Properties of Heavy Gas Oil 
and SRC-II Liquid 
Elemental Analysis 
Hydrogen, wt % 
Sulfur, wt % 
Nitrogen, wt % 
Oxygen, wt % 
Carbon, wt % 
Inspections 
Gravity, API 
Specific Gravity, 15.6°C 


























































hydrodesulfurization was obtained by grinding 1/8 inch tablets of a 
commercial cobalt-molybdenum oxide on alumina catalyst (Harshaw, Co 
Mo-0603T, 1/8") to average particle size of 49 microns and subse-
quently sulfiding the selected size fraction powder in a sulfiding 
reactor. For the fixed bed experiments, 1/8 inch tablets of the 
same catalyst, sulfided subsequently, were used. Properties and 
compositions of the catalyst used for fluid bed and fixed bed 
hydrodesulfurization studies are given in Table 3.2. 
3.2.2 Catalyst pretreatment. Sulfiding was done in a quartz 
tube system. The tube was loaded with 70 gms of the oxide catalyst 
powder supported on a bed ,of inert solids and was pressurized about 
10 psig with nitrogen. The reactor was then heated to 325°C with a 
temperature-controlled oven and the system was purged with a 
.~ hydrogen stream containing 2% vol. H2S, Hydrogen sulfide pressur~ 
was then increased to 15 psig and an H2S-flow rate of 0.17 scf/hr 
was maintained for 4-6 hours, after which the catalyst and tube 
were cooled to room temperature. The catalyst was kept inside the 
tube under a flow of the hydrogen sulfide-hydrogen gas mixture or 
sealed from air until it was added to the fluid-bed reactor. 
Catalyst used for the fixed bed studies was pretreated in the 
same manner. 
3.3 Equipment 
3.3.1 Oil pump. Feed oil was pumped by a high pressure pump, 
manufactured by American Meter Co., having the following specifica-
tions: 
Maximum working pressure: 3750 psig 
.TABLE 3.2 
Sources and Properties of 
Catalyst Used* 
Catalyst CoO - Mo03/A1 203 
Supplier Harshaw 
Composition, wt % 
CoO 3 
Mo03 12 
Apparent Bulk Density 
lbs./cu. ft. 64 
Surface Area, m2/g 166 
Pore Volume, cm3/g 0.4 
Average Side Crushing 
Strength, 1 bs 24 




H. P. : 0.25 
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The pump was powered by a 3 phase motor, 1725 rpm at 208-220 V, 1.1 
amp. ratings. 
3.3.2 High pressure rotameter. Hydrogen supply was obtained 
from hydrogen cylinders with a maximum pressure of 3500 psig. H2-
flow was measured at the system pressure and room ~emperature by a 
Brooks Rotameter (model 1432-02 D1A1A, tube R-2-l5 AA) calibrated 
for high pressure H2-f1ow measurement. A check-valve was used in 
the hydrogen line to prevent back~flow of oil into the rotameter 
and hydrogen cylinder .. 
3.3.3 Reactor and preheaters. The hydrodesulfurization system 
shown in Figure 3.1 consisted of two hydrogen and oil feed pre-
heaters, a ~ydrodesu}furization reactor fitted with a high pressure 
differential pressure gauge and product recovery units. 
The feed preheater 5A is a 316 stainless steel tube with an 
outside diameter of 5/8 inch, a length of 18 inches and was heated 
by one tubular electrical heater rated at 1,500 watts at 115 volts. 
Preheater 5B is 8.5 inches long, 1 inch outside diameter and was 
heated by an electrical heater rated at 400 watts at 115 volts. 
Temperature of preheaters was controlled by a Barber-Coleman 
temperature controller, Model 471 Capacitrol, the thermocouple 
being located about 4 inches from the bottom of the preheater 5B. 
The main reactor is a vertical 316 stainless steel tube of 
one inch inside diameter and 18 inches length, the wall thickness 










































































































































































































































































































long coiled incoloy heating element rated at 4000 watts at 240 
volts. Thermocouples were located at 2 inches, g inches and 16 
inches from the bottom of the reactor. The temperature occuring 
at the middle thermocouple was considered the nominal temperature 
of the reaction and was controlled by a Barber-Coleman temperature 
controller, Model 471 Capacitro1. The top and the bottom tempera-
tures were generally within 12°F of the middle temperature. A 
heating tape (capable of operating up to 900°F) was used to heat 
the top flanges and temperature was controlled by a precalibrated 
rheostat. A thermocoup1~ - was located at the top of the reactor 
touching the surface of the reactor wall. 
The thermocouples were calibrated using a high temperature 
thermometer and a standard well insulated tubular furnace. The 
temperature at a certain position in the furnace where the thermo-
couples and the thermometer were located, was changed to different 
steady-state values over a long period of time using a rheostat 
connected to the furnace. 
The distributor plate was a 325 mesh stainless steel screen 
(cut from Tyler 325 mesh s.s. sieve cloth) sandwiched between two 
0.005 inch thick stainless steel circular plates having a number of 
holes. Its location in the reactor is shown in Figure 3.2. 
An identical plate was located at the top of the reactor to 
prevent escape of the catalyst from the reactor. 
For minimum fluidization experiments, differential pressure 
across the catalyst bed was measured across pressure taps located 
below the distributor plate and above the top solids retaining plate. 
ifh a 3/8 11 
Metal screen (same as dis-
tributor; end of 'B' machined 
by 0.0/3 inch) ----~ 
I inch O. D. standard 






/" /.0. Reactor Chamber 
5 //4" I" Thick flange 
Hal fIe n 9 tho fun jon '0' weI d ed 
with the main reactor body--~ 
0.005 inch thick distributor 
(End of 'B',holding the 
distri butor, machined by 0 .013 
for proper fitting.) 
~--Location of 
Thermocouple 








Port connector B welded 
with l"o.D.Tube G> -A- • __ T._C_._-t--__ _ 
[l Press;;:;- Ta p 3" _-S6-~_~2_L I Cap 'A' welded with I" O. O. Tube 
Cap 'A' drilled and welded 
with a 3/8" O. O. Tube 
'2111 1 d~ T 
5/8"000. 11/4" 
Preheater ~ 
Figure 3.2 Schematic Diagram of the Reactor Units 
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3.3.4 Differential Pressure Indicator. Differential pressure 
drop was measured by a high pressure differential pressure indicator 
(Meriam Instrument Co.), Type CM-23lll, with the following specifi-
cations: 
Differential pressure range: 0-20 inches water 
Safe working pressure: 2500 psig 
Bello metal: 316 S.S. 
The meter was calibrated at atmospheric pressure using a water-
filled U-manometer. The meter was connected with the reactor 
~ 
pressure taps according to the diagram of Figure 3.3 and the 
following ,start-up instructions were followed: 
1. Open bypass valves; shut vent valve; open one shutoff and 
block valve to pressurize meter, then close block valve. 
2 .• Close one bypass valve and check for leaks. If pointer 
travels upscale, a leak is in the low pressure piping; if pointer 
travels down scale, a leak is in the high pressure piping. 
3. Make piping repairs if necessary and repeat steps 1 and 2 
until pointer remains stationary at zero. 
3.3.5 Product-Recovery Units. The hydrodesulfurization unit 
also consisted of a condenser, a gas/liquid separator, a liquid 
collector, ammonia and hydrogen sulfide scrubbers and a wet test 
meter for measuring product gas flow rate. Hydrogen flow rate 
and system pressure were controlled by the hydrogen pressure 
regulator and two fine metering valves located after the separator. 
An inline-filter was used before the fine metering valves for their 
















removal train and then to the wet test meter. Ammonia was absorbed 
in a 20% sulfuric acid solution and hydrogen sulfide in a 1% solution 
of cadmium chloride. Proper pressure correction for the gas flow 
rate through the meter was made as the average atmospheric pressure 
at Salt Lake City is about 650 mm. Hg. 
3.4 Experimental Procedures 
There are two requirements that have to be met before running 
a hydrodesulfurization experiment. 
1) The feed must be .yaporized totally in the catalyst zone under 
reaction conditions. 
2) The catalyst must be fluidized completely at reaction con-
ditions. 
3.4.1 Thermodynamic analysis. To have an idea of the hydro-
desulfurization reaction conditions and H2/oil feed ratios such that 
the first requirement of this study can be met, dew point temperature 
of such high pressure hydrogen/hydrocarbon systems can be estimated 
from the vapor-liquid equilibria data of Grayson and Streed (1963), 
(Appendix A). 
3.4.2 Minimum fluidization velocity studies. For the 2nd 
requirement, minimum fluidization velocity at high pressure and 
temperature conditions was determined according to the method 
recommended by Kunii and Levenspiel (1969). First, pressure drop 
across the taps located below the bottom distributor plate and above 
the top solids retaining plate was measured at the desired pressure 
and temperature conditions for different gas flow rates. Then the 
reactor was loaded with a known amount of catalyst powder and again 
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pressure drop was measured at various gas flow rates. The catalyst 
bed pressure drop was estimated by subtracting the value of pressure 
drop across the bottom and top plates from the total pressure drop 
across the plates and the bed at the same gas rate. Pressure drop 
measurements at considerably higher gas flow rates were made even 
after the bed pressure drop approximately reached the value equiva-
lent to the buoyant weight of the bed per unit area. Pressure drop 
measurements were also determined by starting the gas flow rate 
higher than required to fluidize the bed and reducing in steps to 
a value below the fluidization rate. 
3.4.3 Ranges of variables studied. Based on Thermodynamic 
Analysis in 3.4.1 and Minimum Fluidization Studies in 3.4.2, the 
ranges of variables for the fluid-bed hydrodesulfurization experi-
ments using the coal derived liquid feedstock were determined and 
given in Table 3.3. 
3.4.4 Experimental procedures for hydrodesulfurization studies. 
For the hydrodesulfurization experiments, the reactor was loaded 
with a fixed amount of sulfided catalyst and the system was 
pressurized to about 15 psig with nitrogen and the reactor was heated 
close to the desired operating temperature. The system was then 
purged with hydrogen, pressurized with hydrogen to the desired 
operating pressure and hydrogen was allowed to flow at the estimated 
rate (based on H2/oil feed ratio and proposed experimental WHSV 
value). As the operating temperature and pressure stabilized, the 
oil was pumped at the estimated rate based on WHSV. Both the oil 
and H2 flow were monitored frequently during the experiment and 
TABLE 3.3 
Ranges of Operating Conditions for the Vapor-
Phase Fluid Bed Hydrodesulfurization 




Hydrogen/oil feed ratio 
std. cc/cc oil 
WHSV. gm oil/gm cat-hr 
Catalyst Bed Weight, gms 
U/Umf ratio 
Catalyst Particle Size, 
Microns 
Ranges of Variables Studied 
400 - 475 
1000 - 1500 
5000 
0.47 - 1.26 
64.55 
1 .20 - 6.55 
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valves adjusted to maintain the desired oil flow and H2/oil ratio. 
Fluidization of the catalyst bed was indicated by the differential 
pressure indicator. 
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An aging run was carried out before the hydrodesulfurization 
studies, until the catalyst activity reached a steady state using 
the same feed oil used in the hydrodesulfurizati~n reaction. 
Activity of catalyst for desulfurization showed a gradual and small 
decrease, but it was observed that the activity remained steady 
after about 40 hours running. 
Then, a hydrodesulf~~ization run was carried out for a period 
such that about 200 mls. of coal oil feedstock would be processed. 
Gas samples were taken periodically for analysis. At the end of 
the desired run time, the valve separating the gas/liquid separator 
and the collector was closed and the oil, H2 flow were stopped and 
the wet test meter reading was noted. Then the collector was 
depressurized to collect the liquid product and next the rest of 
the system was depressurized and flushed with nitrogen. 
Catalyst activity was checked periodically during the kinetic 
experiments by checking the sulfur removed at standard conditions. 
Negligible change was observed. 
3.5 Analytical Methods 
The gaseous product was analyzed by gas chromatography using a 
Hewlett Packard Model 5830A gas chromatograph with a combination of 
flame ionization detector, thermal conductivity detector and a 
digital integrator. C1 to C4 hydrocarbon gases were determined 
using a 12 foot n-C8/porasilc column. 
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Amount of saturates and aromatics in the oil feed and rroducts 
were determined by C13_NMR ana1yses~ done by the Chemistry' Department, 
University of Utah. 
Viscosity was determined by a Micro Viscometer manufactured by 
Wells-Brookfield Engineering Laboratories, Inc., Massachusetts. 
Density was measured with a DMA 40 Density Meter manufactured 
by Anton Paar, Austria. 
The boiling ranges of the feedstocks and the liquid products 
were determined by the ASTM 0-86 distillation and simulated 
distillation methods. 
The used catalyst was washed with dichloromethane and dried 
at 110°C overnight. Then, the weight % coke was determined by 
finding wt.% Carbon, Hydrogen and Nitrogen in the coked catalyst 
using a Perkin-Elmer CHN analyzer, Model 240. 
CHAPTER 4 
RESULTS AND DISCUSSIONS 
In this chapter the results of the vapor-phase fluid-bed 
hydrodesulfurization of Solvent Refined Coal liquid over a Co-Mo-Al 
catalyst are discussed in two parts: 
4.1 Minimum fluidi~ation velocity studies at high pressure 
and temperature. 
4.2 . Hydrodesulfurization of Solvent Refined Coal liquid 
(SRC-II). 
4.1 Minimum Fluidization Velocity Studies 
at High Pressure and Temperature 
As mentioned earlier in Chapter 3, the catalyst bed pressure 
drop was obtained by measuring the overall pressure drop across the 
bottom distributor, the top solids retaining plate and bed, then 
subtracting the pressure drop across the plates at the same gas 
velocity under identical bed conditions. For the velocity range 
studies, the pressure drop across the distributor and top plate 
was negligibly small. Figure 4.1 gives the typical pressure drop 
values across them at various gas flow rates. The bed conditions 
used and the experimental data obtained are given in Tables 4.1, 
4.2 and 4.3. Figures 4.2, 4.3, 4.4, 4.5, 4.6 and 4.7 show typical 
gas flow rate versus bed pressure drop plots. In Figures 4.8, 4.9 
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Pressure: 1000 psig 
Particle: Su1fided Co-Mo-A1 (Harshaw 0603) 
Particle Size: 49 microns 
Bed Weight: 63.79 grams 
Pressure Drop Equivalent to Bed Weight, 6Peq :4.97 in. of H2 0 
Fixed Bed Depth/Column Diameter: 4.84 
H2 Flow Rate 
cc/sec H~ Vel at 6P Across 
at 25°C, eaction Bed, in. 
645 mm Hg Std. cc/sec Condo cm/sec . Water 
4.82 3.75 0.027 1 .4 
9.31 7.24 0.053 2.5 
16.23 12.62 0.092 4.0 
21.74 16.91 0.124 4.7 
25.19 19.60 0.143 5.1 
32.51' 25.32 0.185 5.3 
43.86 34.10 0.249 5.1 
46.84 36.42 0.266 5.1 
57.47 44.68 0.327 5. 1 
















Pressure: 1250 psig 
Particle: Sulfided Co-Mo-A1 (Harshaw 0603) 
Particle Size: 49 microns 
Bed Weight: 63.79 grams 
Pressure Drop Equivalent to Bed Weight, 6Peq :4.97 in. of H20 
Fixed Bed Depth/Column Diameter: 4.84 
H2 Flow Rate 
cc/sec H2 Vel at 6P Across 
at 25°ltC, Reaction Bed, in. 
645 mm He Std. cc/sec Condo em/sec water 
5.11 3.97 0.023 1 .00 
9.09 7.07 0.041 2.60 
15.00 11 .66 0.068 4.05 
20.05 15.59 0.091 4.80 
29.59 23.00 0.135 5.30 
35.46 27.57 0.162 5.20 
42.74 33.23 0.195 5.15 
54.35 42.26 0.248 4.90 
68.97 53.62 0.315 4.90 
















Pressure: 1500 psig 
Particle: Sulfided Co-Mo-Al (Harshaw 0603) 
Particle Size: 49 microns 
Bed Weight: 64.79 grams 
Pressure drop equi va 1 ent -'-- to bed wei ght, 6P eq: 5.05 in. of H20 
Fixed Bed Depth/Column Diameter: 4.91 
H2 Flow Rate 
cc/sec H2 Vel at 6P Across 
at 25°C, Reaction Bed, in. 
645 mm Hg Std. cc/sec Condo cm/sec Water 
17.92 13.93 0.068 1 .75 
29.99 23.32 0.114 2.60 
37.30 29.00 0.142 3.10 
47.13 36.64 0.180 4.20 
50.78 39.48 0.194 5.40 
56.66 44.05 0.216 6.40 
60.32 46.90 0.230 6.05 
69.52 54.05 0.265 5.80 
82.48 64.13 0.314 5.85 
94.27 73.29 0.359 6.20 
111 .34 87.03 0.427 6.0 
117.94 91 .70 0.449 6.0 
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Figure 4.2 Pressure Drop versus Gas Flow Rate 
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Figure 4.4 Pressure Drop versus Gas Flow Rate 
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Figure 4.6 Pressure Drop versus Gas Flow Rate 
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U, GAS VEL 0 CIT Y, C M /S E C 
(At Reaction Condition) 
0.5 
Figure 4.10 Ratio of Experimental Bed Pressure Drop 
to that Equivalent to the Bed Weight 
versus Hydrogen Velocity. 
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to the pressure drop equivalent to the bed weight (~P/6Peq) is 
plotted against the superficial gas velocity (at the reaction 
conditions). 
The properties of hydrogen were taken from the Chemical 
Engineers' Handbook, 5th edition. 
As shown in Figures 4.2, 4.3, 4.4, 4.5, 4.6 and 4.7, the 
catalyst bed pressure drop increased with an increase in gas flow 
rate. For the relatively low flow rates in a packed bed state, 
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the pressure drop was approximately proportional to the gas velocity 
until reaching a maximu~ value which was slightly higher than the 
static pressure of the catalyst bed. With a further increase in 
gas velocity, the catalyst reconsolidated to a different state, the 
voidage of the bed increased, resulting in a decrease in pressure 
drop. With gas velocities beyond minimum fluidization, the pressure 
drop remained practically unchanged. 
·The smoothness of transition from a fixed bed to a fluid bed 
can be seen from these figures. This observation is supported by 
the studies presented in the literature. Lee et ale (1970) have 
studied the hydrogasification of coal in a four inch fluidized bed 
reactor at a pressure of 1000 psig, a temperature of l700-1800°F and 
a bed with length/diameter ratio between 10 and 20. According to 
their observations, the bed is fully fluidized at a superficial 
velocity of 0.18 ft./sec. The minimum fluidization velocity calcu-
lated from the properties of the coal char by Leva's correlation 
(1959) is 0.09 ft./sec. Full fluidization can thus be attained at 
a little over twice the minimum fluidizing velocity. This, according 
to these authors, is a noticeable characteristic of high pressure 
fluidization, that is, the smoothness of transition from a fixed 
bed to a fluid bed. Chekhov et ale (1961) also reported a smooth 
fluidization and the presence of a sharp interface of the bed 
surface at high pressure operation. In general, high pr~ssure 
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beds have a sharp interface and can be expanded to quite high 
porosities without becoming unstable. Guedes De Carvalho et al. 
(1975) studied the fluidization of cracking catalysts (dav = 48 urn) 
with air in a thick perspex column 2.4 m high (1.0. 0.05 m) at a 
pressure of 1 to 18 bar: He observed quite large oscillations of 
the bed height in the slugging regime at and near atmospheric 
pressure, however, the bed height oscillates within only 0.5 cm 
over the full range of the flow rate at higher pressures. 
As shown in Figures 4.8,4.9 and 4.10, the beds fluidized at · ~ 
a pressure drop value which was quite close to the theoretical 
value of the bed weight. For a one inch column diameter and the 
initial fixed bed depth/column diameter ratio about 5, the ~P/6Peq 
ratio was slightly greater than 1 at gas velocities higher than Umf. 
In the operating range of this study, the pressure drop readings 
over the bed had negligible fluctuations. These results indicated 
the absence of channelling and slugging in the bed. These charac-
teristics of the fluidized bed at high pressures were expected. 
High pressure operation reduced the excess gas (G-Gmf ) available 
for bubble formation. Also the expansion of bubbles due to the bed 
pressure drop was essentially eliminated at high pressure. Therefore 
high pressure fluidized beds tend to fluidize smoothly like a 
boiling liquid. 
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The curve of the pressure drop versus the velocity for the 
fixed and fluidized beds gives a considerable amount of information 
about the structure of the beds. 
This is consistent with the findings of Guedes De Carvalho et 
ale (1975), Lee et ale (1970), Morgan et ale (1969), Chekhov et ale 
(1961) and Sechenov and A1 'tshuler (1961, 1959, 1958). They also 
reported particulate, smooth fluidization and a well defined upper 
interface for high pressure fluidization. 
4.2 Hydrodesulfurization of Solvent 
Refined Coal Liguid-
In this section the results of hydrodesulfurization of the 
Solvent Refined Coal liquid over a Co-Mo-Al catalyst are presented 
and discussed in four parts; 
4.2.1 Hydrogen consumption in hydrodesu1furization. 
4.2.2 Effects of process variables on sulfur removal. 
4.2.3 Kinetics of hydrodesulfurization in a fluid bed. 
4.2.4 Comparison between a fluid bed and a fixed bed 
operation. 
4.2.1 Hydrogen consumption in hydrodesulfurization. From the 
point of view of process design and economics, it is very important 
to know about the hydrogen consumption during hydrodesu1furization 
of oils because of its large effect on the cost of manufacturing 
low sulfur fuels. A conventional procedure hitherto employed for 
the determination of hydrogen consumption is based on measuring 
the difference in the volume of hydrogen in the charged gas and 
that ;n the discharged gas. This procedure, however, ;s very 
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troublesome because it requires a skillful technique to measure the 
volume of charged hydrogen gas under high pressures. Another 
conventional procedure which was used in this study is based on a 
hydrogen balance between the charged oil and that in the entire 
products. These are desu1furized oil, gaseous hydrocarbons, 
hydrogen sulfide, water and ammonia. This procedure requires 
highly accurate elemental analysis of the oil and the products. 
Hisamitsu et a1. (1976) has also proposed a convenient pro-
cedure based on the measurements of the changes in aromatic 
'-,,-
carbon content in the oi 1 by n-d-M ana 1ys i s and has shown thi s 
method to be sufficiently applicable for the measurements of 
hydrogen consumption. 
A detailed material balance and elemental analysis of products 
were made for five runs to determine the relationship between 
sulfur removal and hydrogen consumption (Table 4.4, Figure 4.11 and 
Appendix C). 
Figure 4.11 shows that high sulfur removal uses disproportion-
ately more hydrogen. Approximately, 1100-1400 SCF/Bb1 of hydrogen 
was needed for 70-85% sulfur removal. 
When comparing the C13 _NMR spectra of the products with that 
of the Solvent Refined Coal liquid, the C-aromaticity in the 
products is about 0.60 as compared with 0.73 in the feed. Therefore, 
under the conditions applied aromatic hydrogenation is negligible. 
The relative activities of the sulfur and nitrogen removal can 
be seen in Table 4.4. The removal of nitrogen at these conditions 
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Run Number 7 8 9 13 25 
O~erating Conditions 
Temperature, °C 475 450 425 425 425 
Pressure, psig 1000 1000 1000 1250 1500 
WHSV 0.93 0.93 0.93 0.47 0.47 
Liguid Product Properties 
API Gravity T3.2 12.4 11 .4 12.9 14.4 
Carbon, wt % 88.42 88.26 88.10 88.59 88.63 
Hydrogen, wt % 9.69 9.59 9.40 9.74 9.84 
Sulfur, wt % 0.07 D.08 O. 11 0.05 0.04 
Nitrogen, wt % 1 .45 1 .51 1 .55 1 .32 1.25 
Oxygen, wt % 0.37 0.56 0.84 0.30 0.24 
Su] fur Remova 1 , wt % 78.79 74.85 68.18 84.85 86.97 
Feed Charge 
Oi 1, gms 100 100 100 100 100 
He' gms/100 gm oil 2.04 1.89 1 .62 2.02 2.12 
S F H2/Bb1 oi 1 1396.75 1294 . .Q2 1109. 18 1383.05 1451.52 
102.04 101 .89 101.62 102.02 1 02. 12 
Products 
Oi 1, gms 95.24 94.77 95.29 95.88 96.03 
Gases, gms 2.82 2.09 1 .64 1 .68 1 .45 
H20~ H2S, NH 3, gms 3.36 3.00 2.69 3.57 3.74 ---
101 .42 99.86 99.62 101 . 13 101.22 
Coke & Material 
Unaccounted, gms 0.62 2.03 2.00 0.89 0.90 
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with hydrogen is believed to be the first step in the heteroatom 
removal from the nitrogen containing aromatic compound as indicated 
by Katzer et ale (1976). The extent of hydrocracking in this 
study was around 20% as the hydrocracking is defined as 100 minus 
weight % (calculated on feed oil) liquid material in the products 
boiling above the initial boiling of the feed. 
Hoog (1951) prepared a catalyst by the impregnation of bauxite 
carrier with a cobalt-nitrate and ammonium molybdate solution 
(containing cobalt and molybdenum in an atomic ratio of 1 to 5) 
and found it gave an optlmum hydrodesulfurization perfo~lance. This 
catalyst gave, at the same time, very little hydrogenation of 
aromatics, even at a high degree of sulfur removal. 
Adlington et ale (1964) assessed the possible range of change 
of hydrogen selectivity for hydrodesulfurization of residual fuel 
oils in which a fixed bed of 1/8 inch pellets was replaced by a 
virtually fully utilized fine catalyst. The Thiele number concept 
was used to deduce the order of magnitude of selectivity change. 
The author claimed that a maximum savings in hydrogen consumption 
of about 50% would be obtained for a more selective catalyst which 
was diffusion controlled in pellet form and completely unrestricted 
in a fluidized bed of fine particles. 
Qader et al. (1968) studied the kinetics of the hydro-removal 
of sulfur, oxygen and nitrogen from a low temperature coal tar (200-
325°C) in the presence of a WS2 catalyst. The calculated hydrogen 
consumption varied between 2.5 and 4% of the feed under 1500 to 2000 
psig and 350-500°C. 
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4.2.2 Effects of process variables. For a given catalyst, the 
extent of hydrodesu1furization of Solvent Refined Coal liquid in a 
fluid bed reaction depends on several factors, mainly the H2/oi1 
feed ratio, temperature, pressure, space velocity, catalyst 
particle diameter, reactor diameter and amount of catalyst which is 
the catalyst bed height of a constant bed diameter. In this study, 
the fluid bed hydrodesulfurization of the Solvent Refined Coal 
liquid was carried out for a constant hydrogen/oil feed ratio of 
5000 to 1 std. cc. H2/CC. oil, one specific catalyst bed weight 
(equivalent stationary b"ed heights of about 5 inches), one catalyst 
particle size (49 micron average diameter) and a constant bed 
diameter (1 inch I.D.). Temperature, pressure and space velocity 
were varied to obtain their effects on sulfur removal. 
a) Effect of 1emperature. The effect of temperature on sulfur 
removal of the Solvent Refined Coal liquid is given in Tables 4.5, 
4.6,4.7 and Figures 4.12,4.13 and 4.14 where weight hourly space 
velocity was varied. The extents of sulfur removal increased with 
temperature. A definite correlation between severity and sulfur 
elimination can be noticed. 
b) Effect of Space Velocity. The effect of space velocity on 
sulfur removal of the Solvent Refined Coal liquid is given in 
Tables 4.5, 4.6, 4.7 and Figures 4.15, 4.16, 4.17. The sulfur 
removal decreased with an increase in space velocity (decrease of 
contact time). 
c) Effect of pressure. The effect of pressure on the fluid bed 
hydrodesulfurization of the Solvent Refined Coal liquid is given in 
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TABLE 4.5 
Effects of Temperature .and Space 
Velocity on Sulfur Removal at 
1000 psig in Fluid-Bed 
x, sulfur 
Temperature WHS\l. Removal x Rate 9onst. 
°C (gm oil/gm cat-hr) (wt% on oil) T=X K,wt%- -hr- 1 
400 0.47 73.64 2.79 350.72 
0.70 64.24 1 .80 
0.93 60.61 1.54 
1 .26 52.42 1 .10 
425 0.47 81.21 4.32 606.06 
0.70 74.85 2.98 
0.93 68.18 2.14 
1 .26 60.61 1.54 
450 0.47 84.85 . 5.60 763.64 
0.70 79.09 3.78 
0.93 74.85 2.98 
1 .26 68.18 2.14 
475 0.47 87.56 7.04 984.85 
0.70 83.33 5.00 
0.93 78.79 3.71 
1 .26 73.03 2.71 
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TABLE 4.6 
Effects of Temperature and Space 
Velocity on Sulfur Removal at 
1250 psig in Fluid-Bed 
x, sulfur 
Temperature WHSV Removal x Rate c9nst. 
°C (gm oil/gm £at-hr) (wt% on oil) -r:x- K, wt%- -hr- 1 
400 0.47 78.49 3.65 464.06 
0.70 70.00 2.33 
0.93 66.06 1 .95 
1.26 54.85 1 .21 
425 0.47 84.85 5.60 757.58 
0.70 78.49 3.65 
0.93 73.03 2.71 
1 .26 68.79 2.20 
450 0.47 88.49 7.69 1009.09 
0.70 82.42 4.69 
0.93 78.49 3.65 
1 .26 71.82 2.55 
475 0.47 90.00 9.00 1161.62 
0.70 84.55 5.47 
0.93 80.30 4.08 







Effects of Temperature and Space 
Velocity on Sulfur Removal at 
1500 psig in Fluid-Bed 
x, Sul fur 
WHSV Removal x 
(gm oil/gmcat-hr) (wt% on oil) -,--:x 
0.47 86.97 6.68 
0.70 82.12 4.59 
0.93 77.58 3.46 
1 .26 70.30 2.37 
0.47 89.09 8.17 
0.70 85.15 5.73 
0.93 80.30 4.08 
1 .26 75.46 3.08 
0.47 93.03 13.35 
0.70 90.00 9.00 
0.93 86.67 6.50 
































400 425 450 4-75 
TEMPERATURE, °C 
Figure 4.12 Effect of Temperature on Sulfur Removal in 




























400 425 450 475 
TEMPERATURE,OC 
Figure 4.13 Effect of Temperature on Sulfur Removal 
























425 450 475 
TEMPERATURE,OC 
Figure 4.14 Effect of Temperature on S01fur Removal 


























Pressure: /000 psig 
TEMP. "C 
2 3 4 5 6 
U/Umf 
Figure 4.15 Effect of Space Velocity on Sulfur Removal 







Pressure: 1250 psig 
U/ U m f 
Figure 4.16 Effect of Space Velocity on Sulfur Removal in 
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U /U mf 
Figure 4.17 Effect of Space Velocity on Sulfur Removal in 
Fluid-Bed Hydrodesulfurization of SRC-II 
Liauid. 
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Tables 4.5,4.6,4.7 and Figures 4.18,4.19,4.20. As expected, 
increased pressure resulted in increased sulfur elimination. 
Similar observations of the effects of process variables in 
hydrodesulfurization were reported by Hoog et a1. (1953), Van 
Deemter (1965), Ohtsuka et a1. (1967), Inoguchi et al. (1972), 
Hisamitsu et al. (1976) and Heck et al. (1977). 
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4.2.3 Kinetics ofhydrodesulfurization in a fluid bed. Many 
studies have been reported on the kinetics of hydrodesulfurization 
of petroleum distillates and residua in a fixed bed reactor because 
it is very important and'useful for the designing of the reactors 
and for the interpolation as well as the extrapolation of the 
reaction temperatures and space velocities for which experimental 
data are not available. 
In a fluidized bed reactor, the reaction rate depends not only 
on the variables common to a fixed bed or a CSTR but also on 
the mode of gas-solid contacting. This is a complex function of 
geometry of the reactor, the size and size distribution of the 
catalyst, the physical properties of gas and solid and velocity of 
gas. It has been very difficult to formulate a realistic model 
for fluid bed operations at atmospheric and elevated pressures. 
The physics may be simpler at higher pressures because of the 
smaller difference in density between the solid and gas phases. 
However, the understanding of high pressure fluidization is quite 
limited and is reflected by a paucity of information in the 
literature. 
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PRE SS U R E, PSI G 
Figure 4.18 Effect of Pressure on Sulfur Removal 




























1000 1250 1500 
PRESSURE, PSIG 
Figure 4.19 Effect of Pressure on Sulfur Removal in 































1000 1250 1500 
PRESSURE, PSIG 
Figure 4.20 Effect of Pressure on Sulfur Removal 




laboratory studies of the kinetics of hydrodesulfurization in fixed 
bed reactors, the reaction was either first or second order with 
respect to the sulfur concentration as shown by Beuther and Schmid 
(1963), Van Deemter (1965), Ohtsuka et ale (1966), Frye et al. 
(1967), Inoguchi et ale (1972) and Heck et al. (1977). 
In the present isothermal reactor system when a high H2/oil 
ratio was used, the percentage of hydrogen consumption was small 
and the total pressure was constant so that the concentration of 
hydrogen in the system remained essentially constant throughout 
the course of the reaction. Even if hydrogen is involved in the 
rate-determining step, the hydrogen concentration may not show up 
in the rate equation because it could be hidden in the rate constant. 
However, since hydrogen actually takes part in the hydro-removal 
of sulfur, a pseudo-second-order rate equation with respect to the 
sulfur content was used to model sulfur removal in Solvent Refined 
Coal liquid. 
Assuming a plug flow regime, the second-order equation for the 
disappearance of the sulfur compound is 







- dt" (4-1) 
rate of reaction (wt%)(gm oil/gm cat-hr). 
sulfur content, wt % 
apparent rate constant, (gm oi1/gm cat-hr)(wt %-1). 
apparent contact time or reciprocal of Weight Hourly 
Space Veloctiy, WHSV-l. 
In terms of the fraction of sulfur removed, x, the integrated 
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form of the rate equation becomes: 
x/(l-x) = Co K/WHSV (4-2) 
where Co = sulfur content in feed oil, wt%. 
x = l-(wt% sulfur in product oi1/wt% sulfur in oil feed). 
In Figures 4.21, 4.22 and 4.23 the experimental results 
obtained at 1000, 1250 and 1500 pressures were plotted with x/l-x 
in the ordinate and the reciprocal of WHSV in the abscissa. The 
data showed good linearity; therefore, the above equation was 
assumed to represent the apparent rate equation. Also, for the 
range of variables studied here, gas/solid contacting may be of the 
plug flow type. The ratio of the slopes (rate constants) of those 
plots shows the differences in the ease of hydrodesu1furization of 
SRC-II liquid at various conditions. 
Qualitative observations indicate that for the range of the 
various parameters studied under such high pressure conditions, the 
mode of gas/solid contacting could well be close to a plug flow 
nature. May (1959) used radioactive solid tracers to study the 
solids mixing in the fluidized bed reactor. He found that there 
was a substantial effect of bed diameter on solids mixing, and for 
small beds «6 inch in diameter) the solids mixing rate was a 
function of gas velocity and was low for low velocities. Lewis et 
al. (1959) measured conversions for the catalytic hydrogenation of 
ethylene as a function of space velocity in a fluidized bed reactor. 
With a bed height/bed diameter ratio of 2.05-10.2, the authors could 



















Figure 4.21 Second Order Plot of Fluid-Bed 
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Second Order Plot of Fluid-Bed 




Handlos et ale (1957), Reman (1955), Askins et ale (1951), 
Danckwerts et al. (1954) and Gilliland et ale (1949) studied gas 
mixing in fluidized beds and concluded that gas back mixing was 
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present but, at least in laboratory-sized reactors, was not exten-
sive. Danchwerts et al. (1954) concluded from using helium as a 
trace in a commercial fluid catalyst regenerator that the gas flow 
in the bed was much closer to plug flow than to complete mixing. 
In the hydrodesulfurization studied here, the bed diameter, gas 
velocity and bed height/bed diameter ratio (L/dt) were quite small. 
Wilhelm and Kwauk (1948) used a dimensionless group, the 
Frol!de number (Frmf), to estimate the transition from bubbling to 
smooth fluidization. According to the authors, a bed may be 
expected to fluidize particulately if Frmf<0.13. For the hydrode-
sulfurization studies mentioned here, at a Umf value of 0.19 em/sec, 
U2 mf Froude number = -ag- = (0.19)2 3 = 7.52 x 10-0.0049~ 0.13 
Hence for these conditions the bed is expected to fluidize particu-
lately. 
Lee et al. (1970) observed that a high ratio of the gas 
velocity to the minimum fluidization velocity (U/Umf ) was required 
to fluidize the bed at atmospheric pressure but in this case 
slugging occurred. At high pressures, however, full fluidization 
was obtained at a low U/Umf ratio without slugging. The expansion 
of bubbles (hence, their chances of merging together to form larger 
bubbles) resulting from the bed pressure drop was essentially 
eliminated at high pressure, hence smooth fluidization was 
experienced even at high U/Umf values. 
One of the models proposed for the atmospheric fluid bed was 
based on a two-region model consisting of a dense emulsion phase 
and a lean or bubble phase. All gas, in excess of that required 
to fluidize the beds, passing through in the form of bubbles. 
Qualitatively Creasy (1971) pointed out that as the pressure 
increased at a constant temperature for a fluid-bed system, the 
value of Gmf (minimum fluidization mass velocity) increased 
monotonically and the excess gas (G-Gmf ) available for bubble 
formation was reduced considerably at a gas velocity close to the 
minimum fluidization velocity under a high pressure. This is the 
case in this study. 
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Hence for the ranges of the various parameters studied at such 
a high pressure and a low ratio of gas velocity to minimum fluidi-
zation velocity, it is probable that the gas ln the dense phase 
will pass in plug flow without appreciable bubble formation and a 
low rate of solids mixing. This is also supported by the Lewis et 
a1. (1959) and Shen et al. (1955) vertically unmixed emulsion models 
for fluidized beds. It is assumed that the gas in the emulsion 
phase is mixed in the horizontal direction only and there was no 
back mixing in the gas-pocket phase. 
The fluid bed hydrodesu1furization of Solvent Refined Coal 
liquid was carried out at certain bed parameters and for a limited 
range of gas velocity (U/Umf varied frcm 1.20-6.55). Hence the 
observations made for these conditions and variables will probably 
vary for different parameters relating to the bed, particle size, 
gas velocity, etc. 
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b) Apparent activation energy. Assuming that the temperature 
dependence of the rate constant follows the Arrhenius equation the 
apparent activation energy is computed as follows: 
where 
K = A exp (-Ea/RT) 
Ea = apparent activation energy, cal/g mole. 
A = frequency factor, (wt %)-l(sec)-l. 
R = gas constant, cal/(g mole)(OK). 
(4-3) 
Figure 4.24 illustrates the Arrhenius equation for three 
pressures at the temperatures between 400 and 475°C. The frequency 
factors are 3.61 x 107, 3.12 x 107 and 4021 x 107 respectively for 
pressure of 1000, 1250 and 1500 psig. The values of the apparent 
activation energy Ea range from 14.9-15.5 Kca1/g mole. For the 
range of the pressures studied, apparent activation energy does not 
vary widely and chemical reaction appears to be the rate limiting 
step. 
Ohtsuka et al. (1960) and Frye et al. (1967) reported the 
energy of activation as 15 to 20 Kca1/g mole for first order 
desu1furization of light catalytic cycle oil in the trickle-flow 
region and concluded that the high value for the activation energy 
indicates the reaction is not limited by diffusion. Similar 
observations of activation energy in hydrodesu1furization were 
reported by Qader (1968) and Inoguchi et a1. (1972). 
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Figure 4.24 Arrhenius Plot 
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4.2.4 Comparison between a fluid bed and a fixed bed opera-
tion. Several experiments were done to compare a fixed bed reactor 
to the fluid bed reactor under the same operating conditions. The 
hydrodesulfurization of Solvent Refined Coal liquid was carried out 
at 0.47 to 1.26 WHSV over 1/8 inch catalyst pellets in a fixed bed. 
The effects of temperature, pressure and ~/HSV on sulfur removal 
using these two types of reactors are compared in Figures 4.25 
through 4.33 and in Table 4.8. 
It was interesting to note that the sulfur removal in the 
fluidized bed with an average catalyst particle size of 49 microns 
was less than that in the fixed bed with 1/8 inch pellets und~r the 
same reaction conditions. 
Weisz (1957) provided a criterion for deciding whether intra-
pellet diffusion may be disregarded. He suggested ,that in o~der to 
ensure an effectiveness factor, n, equal to or greater than 0.95 
for a spherical partica1 at isothermal condition and a second-order 
reaction, the criterion requires: 
< 0.3 (4-4) 
where r is the observed reaction rate, 
Cs is the reactant concentration at the external surface 
of the particle, 
rs is the radius of the particle. 
and De is the effective diffusivity. 
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Figure 4.25 Effect of Temperature on Sulfur Removal for 



















95 Pressure: 1250 psig 
WHSV: 0.93 
0 Fluidized Bed 




425 450 475 
TEMPERATURE,OC 
Figure 4.26 Effect of Temoerature on Sulfur Removal for 
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Figure 4.27 Effect of Temperature on ' Sulfur Removal 
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Figure 4.28 Effect of Pressure on Sulfur Removal for 
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Figure 4.29 Effect of Pressure on Sulfur Removal for 
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Figure 4.30 Effect of Pressure on Sulfur Removal for 
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Figure 4.31 Effect of WHSV on Sulfur Removal for 
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. Figure 4.32 Effect of WHSV on Sulfur Removal for 
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Figure 4.33 Effect of WHSV on Sulfur Removal for 





Sulfur Removal at Various 
Conditions in Fixed Bed 
WHSV 
Pressure Temperature gm oi1/g111 Sulfur Removal Rate C9nst'1 
psig °C ,cat-hr x, wt% on oil K, wt%- -hr-
1000 425 0.47 84.55 
1000 425 0.70 78.79 
1000 425 0.93 73.64 
1000 450 0.93 77.58 
1000 450 0.9:: 82.42 
1250 450 0.47 90.91 1469.70 
1250 450 '. 0.70 87.58 
1250 450 0.93 82.65 
1250 425 0.93 78.45 
1250 475 0.93 86.82 
1500 475 0.47 95.46 
1500 475 0.70 93.33 
1500 475 0.93 91 .21 
1500 450 0.93 84.85 
1500 425 0.93 82.12 
diffusive transport, expresses the ratio of chemical reaction rate 
to diffusive flux. For a fixed bed of 1/8 x 1/8 inch tablets, the 
particle diameter used in Equation (4-4) is the diameter of the 
sphere with the same area as that of the tablets. Hen~e, n(2rs )2 
will equal the sum of the areas of the lateral and surfaces of the 
tablets 
rs = 0.194 cm 
2nd 2 + 
4 
The observed reaction rate at 90.91% of conversion is 
111 
_ 2 _ 0.03 2 1 
r - k C - 1469.70 (~) (3600) = 3.675 x 10-8 wt%/sec, 
and assuming no external mass transfer limitation, (see Appendix B) 
Cs = 0.33 wt% 
Satterfield (1970) estimated the bulk diffus;vity (Db) in a trickle-
bed hydrodesulfurization process at 375°C and 827 psia to be the 
order to 5.5 x 10-4 cm2/sec. However, in that study the catalyst 
pores were filled with liquid so values of Db were probably lower 
than for vapor phase operation. The knudsen diffusivity (D k) can be 
estimated by the following equation from Smith (1970): 
v 
.. 21 S 
where a is the average pore radius, T is in degrees Kelvin, M is 
the molecular weight, Vp is the pore volume in cm3/g and S is the 
surface area in cm2/g. If dibenzothiophenes are taken as a model 
of the organic sulfur compound in coal liquids, then 
Ok = 9700 x 2 x 0.4 x 
166 x 104 
Hence, the combined diffusivity, 0, is 
1 o = ---------1/0.00055 ~ + 1/0.00927 
and the effective diffusivity is 
sO o = e 8 
= 0.00052 
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where s is the porosity (0.68) and 0 is the tortuosity factor. 
Satterfield (1970) suggested 0 to be about 5 for Co-Mo-Al catalyst. 
The effective diffusivity is calculated as follows: 
0 - = 0.68(0.00052) = 7.07 x 10-5 
e 5 
From Eq~ation (4-4), 
(0.194)2 x (3.675 x 10-8) = 
(~O~3) x (7.07 x 10- 5) 0.0059 < 0.3 
which indicates freedom from intraparticle diffusion effects for 
hydrodesulfurization of Solvent Refined Coal liquid in a fixed bed 
reactor with 1/8 inch tablets at these reaction conditions. In this 
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study, the effectiveness factor in both fixed and fluidized reactors 
are essentially one. The differences in sulfur removal between 
these two different operating modes were attributed to partial 
mixing in the fluidized bed reactors. 
Broderick (1980) indicated that internal mass transfer 
resistance was absent in hydrocesulfurization of dibenzothiophene 
with 1/16 inch extrudates of Co-Mo-Al catalyst (American Cyanamid 
HDS-16A, MTG-S-073l) at 325°C and 75 atm. Kilanowski (1979) 
obtained a value of 1 for the effectiveness factor when employing 
a faster reaction than that of dibenzothiophene hydrodesulfurization 
and using the same Co-Mo-Al catalyst as that used in Broderick's work. 
In Figure 4.34 the results obtained in the fixed bed reactor 
at 0.47 to 1.26 WHSV were extrapolated over a wider range of WHSV. 
Also included is the curve calculated for a completely mixed 
reactor operating with the same quantity of catalyst as in the fixed 
bed. Overall, the fluidized reactor conversion was less than those 
obtained from the corresponding fixed bed reactor but higher than 
that calculated for a stirred tank reactor. 
Lewis, et. al. (1959) studied the solid-catalyzed hydrogenation 
of ethylene in fixed and fluidized beds. They compared the conver-
sions as a function of space velocity in these two different 
operation modes and found the fluidized reactor conversion less than 
those calculated for the corresponding plug flow reactor. Lewis also 
calculated a curve for a completely mixed reactor and showed that 
under some reaction conditions, fluidized bed conversions were 
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to gas back-mixing, the lower conversions in the fluidized bed at 
higher velocities than those in a CSTR presumably result from the 
increased extent of bubbling. Hence the efficiency of contact 
between gas and catalyst is lower in a fluidized bed than in a CSTR. 
Mathis, et. al. (1956) reported a direct experimental compar-
ison of catalytic cracking of cumene using silica-alumina in a 
fluidized bed to that in a fixed bed. The effects of fluidization 
on the kinetics of the reaction are interpreted empirically using 
effectiveness factors and a simplified mathematical method. They 
~. 
found that the conversions from fluidized operation are equal to or 
le~s than those from the fixed bed studies at the same space velocity 
and that the magnitude of the minimum spread betweenthe fluid bed 
and fixed bed conversions increases as either L/dt or reactor size 
i~ increased independently. The authors also indicated that the 
maximum value of fluidization effectiveness factor decreases when 
either the L/dt or the reactor diameter is increased independently. 
They obtained a value of 0.92 in a 2-inch reactor and 0.45 in a 
4-inch reactor using the same L/dt ratio as in their fluidization 
studies. These observations indicated the importance of the L/dt 
and velocity in determining conversion in fluidized operations. They 
further suggested that reactor diameter influences the final conver-
sion. 
Gilliland, et al. (1953) and Shen,et al. (1955) also reported 
that at the same space velocity a fluidized bed gives a lower con-




Fluidized bed operation has several advantages over the 
conventional fixed bed operation with respect to many catalytic 
reactions of industrial importance. In this study, an effort has been 
made to determine the feasibility of vapor-phase fluidized-bed hydro-
desulfurization of a potential commercial feedstock obtained from 
coal (SRC-II liquid), over a commercial cobalt-molybdenum on alumina 
catalyst. Through experiments and theoretical analysis the following 
conclusions can be drawn: 
1. It was possible to vaporize the heavy gas oil (280-389°C) 
completely using a hydrogen/oil feed ratio of 4000 std. cc/cc oil at 
1500 psig and 400°C. The Solvent Refined Coal liquid (200-509°C) 
could be vaporized completely using a hydrogen/oil feed ratio of 5000 
std. cc/cc oil at 1000 psig and 400°C or 1500 psig and 425°C. These 
operating conditions are in a suitable range for commercial 
application. 
2. In the operating range of this study, the pressure drop 
readings over the catalyst bed had negligible fluctuations and the 
6P/6Peq ratio was near unity at gas velocities higher than Umf. These 
results indicate the absence of channelling and slugging in the 
fluidized bed. This was expected for fluid bed operation at high 
pressure. Because excess gas available for bubble formation and 
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expansion of bubbles due to bed pressure drop are essentially elimin-
ated at high pressure and relatively low U/Umf ratio, high pressure 
fluid-beds tend to fluidize smoothly. 
3. The Solvent Refined Coal liquid feedstocks allowed smooth 
and stable operation of the fluidized bed without agglomeration of 
the catalyst particles in the operating range studied in this work. 
Data on material balance indicated that all of the reaction products 
went overhead into the product recovery units. 
4. Extensive sulfur removal was obtained in the operating range 
studied. This sulfur removal increased with increasing temperature 
and pressure and decreased with increased space velocity. 
5. For the range of parameters studied with fluid-bed hydro-
desulfurization of Solvent Refined Coal liquid, the mode of gas/solid 
contacting appeared to be plug-flow. This is true since the overall 
hydrodesulfurizationreaction at constant total pressure followed 
pseudo-second-order kinetics with respect to sulfur concentration. 
The activation energy of hydrodesulfurization of the SRC liquid in 
the fluidized bed ranged from 14.9 to 15.5 Kcal/g mole; this suggests 
that chemical reaction is the rate-determining step. 
6. The extent of sulfur removal of SRC liquid in a fluidized 
bed reactor with average catalyst particle size of 49 microns was 
less than that in fixed bed with 1/8 inch tablets at the same reac~ 
tion conditions. Because the chemical reaction rate was very slow 
under such conditions and the effectiveness factors in both fixed 
and fluidized bed reactors were essentially unity, the differences in 
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sulfur removal were attributed to some back-mixing in the fluid bed 
reactor. 
7. The comparison of the extent of sulfur removal in fluidized, 
fixed and completely stirred reactor showed the fluid-bed conversion 
was less than that calculated for the corresponding piston-flow 
reactor but higher than that calculated for CSTR. Back-mixing in 
fluid-bed lowered the conversion from that in the fixed bed. High 
pressure operation in a fluid bed appears to limit bubble formation 
and bubble expansion as the gas rises up the bed. These factors 
and the relatively low U/Umf ratio used in these studies resulted in 
a higher reactor efficiency for the fluidized bed than that obtained 
in a CSTR. 
NOMENCLATURE 
a = Average pore radius, L 
A = Frequency factor, wt%-lt- l 






= Sulfur content of hydrocarbon, wt% 
= Sulfur content in bulk fluid, wt% 
= Sulfur content in feed oil, wt% 
= Sulfur content at the external 
= Particle diameter, L 
= Column diameter, L 
= Combined diffusivity, L2/t 
= Bulk diffusivity, L2/t 
= Effective diffusivity, L2/t 
= Knudsen diffusivity, L2/t 
surface 
= Apparent activation energy, cal/g mole 
= Gravitational acceleration, Lt- 2 
= Conversion factor, MLt- 2F- l 
= Mass velocity of fluid, ML- 2t- 1 
of the catalyst, wt% 
= Minimum-fluidization mass flow rate, ML- 2t- l 
= Apparent rate constant, (gm oil/gm cat-hr)(wt%-l) 
= Fluid-catalyst mass transfer coefficient, L/t 
= Vaporization equilibrium constant 
= Length of the catalyst tablet, L 
= Fixed bed height~ L 
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Lmf = Bed height -at onset of-fluidization, L 
M = Molecular weight, M/mole 
n = Constant in Richardson-Zaki's equation for predicting bed-
expansion 
Ni = Mole fraction of component i in the vapor mixture 
r = Rate of reaction, (gm oil/gm cat-hr) (wt%) 
rs = Radius of the particle, L 
R = Gas constant, 1.987 ca1/g moleoK 
S = Catalyst surface area, L2/M 
t = Apparent contact time, t 
T = Temperature, T 
U = Superficial velocity of fluid, Lt- l 
Ufs = Full supporting velocity, Lt-
1 
U
mf = Minimum fluidization velocity, Lt-
1 
UT = Tenninal velocity of the particles, "ct-
l 
Vp = Pore volume, L3/M 
W = Buoyant wei'ght of fluidized bed, F 
WHSV = Weight hourly space velocity, M/Mt 
x = Weight fraction of conversion 
GREEK LETTERS 
= Bed voidage 
= Minimum fluidization voidage 
= Shape factor defined as the ratio of the surface area of a 
sphere having the same volume as an arbitrary shaped particle 
t6 that of the particle of arbitrary shape. 
= Viscosity of fluid, ML-'t-1 
= Density of fluid, ML- 3 
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Ps = Density of solid particle, ML-
3 
6P = Pressure drop across bed in the fluidized state, FL~2 
6Peq = Pressure drop equivalent to buoyant bed weight, FL-
2 
n = Effectiveness factor 
8 = Tortuosity factor 
DIMENSIONLESS GROUPS 
Fr
mf = Froude Number at minimum fluidization 
Ga = Ga1i1eo number -2 3 ( ) = g~f d Pf Ps-Pf 
Re = Particle Reynol d lOS Number = UdPf~f -1 
Re
mf = Particle Reynold's Number at onset of fluidization 
1. Heavy Gas Oil 
APPENDIX A 
THEORETICAL ESTIMATION OF 
DEW-POINT TEMPERATURE 
The procedures applied to estimate dew point temperature from 
the information of ASTM 086 distillation data are described as 
follows: 
(1) Pressure correction. 
Thermometer readings of ASTM D86 distillation should be 
corrected to 760 mm Hg pressure by means of the Sydney Young 
equation as given below: 
Cc = 0.00012 (760-P)(273 + t c) 
Where Cc is the correction to be added algebraically to the observed 
thermometer readings tc in °C and P is the barometric pressure, in 
millimeters of mercury, prevailing at the time of the test. Hence 
the corrected ASTM 086 distillation data: 
ASTM 086 Distillation 
Corrected Corrected 
Vol.% °C(650mm Hg) Cc Temp. ,oC Temp. ,oF 
10 330 7.96 337.96 640.33 
30 350 8.22 358.22 676.80 
50 367 8.45 375.45 707.81 
70 376 8.57 384.57 724.23 
90 380 8.62 388.62 731.52 
residua 
& loss 
(2) Conversion of ASTM 086 data at 760 mm Hg to atmospheric true 
boiling point data. 
According to the procedure described in Chapter 3 of the 
Technical Data Book-Petroleum Refining (API, 1966), henceforth 
referred to as API Data Book, the ASTM 086 data at 760 mm Hg are 
converted to atmospheric True Boiling Point (TBP) data. 
For ASTM 086 temperatures above 475°F, the following equation 
is first used to make the correction for cracking: 
log D = -1.587 ~ 0.00473T 
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where D is the correction to be added tc T, of and T is the distill-
ation temperature, of. Hence the corrected ASTM 086 distillation 
data: 
Corrected ASTM 086 
Vol.% of Correction, of Data, of 
10 640.33 27.67 668.00 
30 676.88 41.09 717.97 
50 707.81 57.71 765.52 
70 724.23 69.01 793.24 
90 731.52 74.72 806.24 
From Figure 3A 1.1 of API Data Book, the 6F at the ASTM 50% tempera-
ture of 765.52°F is 30°F. Therefore, the TEP 50% temperature is 
765.52 + 30 = 795.52°F. From the upper· chart of the same figure, 
the temperature differences for each segment of the TEP curve are 
found: 




















The corresponding TBP temperatures for a 50% temperature of 795.52°F 
are: 
30% T = 795.52 - 67 = 728.52 
10% T = 728.52 - 74 = 654.52 
70% T = 795.52 + 40 = 835.52 
90% T = 835.52 + 19 = 854.52 







(3) Estimation of hydrogen-oil mixture composition 
From the TBP distribution, it is found that about 20% of the oil 
boils between 640-700°F, 30% between 700-800°F, 40% between 800-850°F 
and the rest in the range of 854+ o F. 
For a H2:oil feed ratio of 4000 std cc/cc of oil and oil density 
of 0.88 gm/cc, the weight ratio equals 0.3404 gm H2/O.88 gm oil. 
Such a mixture consists of: 
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Avg. Boil. Avg. Mole. Amt. 
ComQonent Pt. ,oF Wt. in gms. Gm. Moles Mole % 
640~700 2.016 0.3404 0.168849 98.632 670 300 0.176 0.000587 0.343 
700-800 750 360 0.264' 0.000733 0.428 
800-850 825 425 0.352 0.000828 0.484 
850+ 860 455 0.088 0.000193 0.113 
Total 0.171190 100.000 
The average molecu1ar weight of the above fractions are obtained from 
Figure 2B 2.1 of API Data Book. 
(4) Estimation of dew-point temperature 
The dew-point temperature for a given pressure corresponds to 
the temperature at which ~~ = 1.0, where Ki is the equilibrium 
constant and Ni is the mole fraction of component i in the vapor 
mixture. 
Grayson and Streed (1963) presented vapor-liquid equilibria data 
for hydrocracking of several different gas oils with a hydrogen 
concentration of 98 mole% at high pressure and high temperature. 
These authors also pointed out that the dew point temperature is 
very sensitive to the heavier' components. Therefore, it should be 
used with caution for heavy feedstocks. Since reliable data are 
not a~ailable for these heavy gas oil fractions and as the hydrogen 
mo1e% used in our work are similar to their work, K-va1ues of heavy 
gas oi 1 are di rectly taken from the resul ts of Grayson and Streed 
at 1500 psiS and 800°F. 
K-value of hydrogen was estimated according to the method 
recommended in API Data Book, the Volumetric Average Boiling Point 
(VABP) and Molal Average Boiling Point (MASP) are first determined. 
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ASTM 086 10% to 90% slope = (731.52 - 640.33)/80 = 1.14 
VABP = (640.33 + 676.80 + 707.81 + 724.23 + 731.52)/5 = 696.14 
From Figure 2B 1.1 of API Data Book: 
MABP = 696.14-8 = 688.14 
Therefore, from Figure 8B 1.2 of API Data Book, KH2 at 1500 psig and 
800°F is equal to 5.3. 
Therefore, for the hydrogen/oil feed ratio of 4000 std cc/cc 
oil mixture at 1500 psig, 750°F, 775°F and 800 e F: 
Hydrogen 













L:i!i = 0.80515 Ki 
750°F 775°F 
Ki Ni/Ki Ki Ni/ Ki 
5.5 0.17933 5.4 0.18265 
0,030 0.11433 0.0375 0.09147 
0.018 0.23778 0.0230 O. 18609 
0.0110 0.44000 0.0140 0.34571 
0.0078 0.14487 0.0095 0.11895 
1.11631 0.92487 
Hence the dew point temperature at the above conditions, should be in 
the range of 760°F. 
2. Solvent Refined Coal Liquid 
Dew point temperatures for the coal liquid/hydrogen mixtures 
could not be estimated directly by the same means mentioned above 
for petroleum fractions. However, the results obtained for heavy 
gas oil were able to serve as a basis for determining the dew point 
temperatures far coal liquid experimentally. 
For the fluidized bed hydrodesulfurization of SRC-II liquid, 
vapor phase operation could be maintained at 400°C, 1000 psig and 
425°C, 1500 psig using a H2/oil ratio of 5000 std cc/cc oil. 
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APPENDIX B 
CALCULATION OF POSSIBLE EXTERNAL 
MASS TRANSFER LIMITATIONS 
Mears (1971) provided the following criterion for freedom from 
external mass transport effects. 
rs r < O. 15 
Cb Kc n 
where Cb is the bulk fluid concentration, 
r ;s the observed reaction rate, 
rs is the particle radius, 
Kc is the fluid-particle mass transfer coefficient, 
and n is the reaction order. 
(B- 1 ) 
In order to estimate Kc ' the Reynolds number is evaluated. 
Re = d G = 
llf 
= 1.766 
= 2(0.194 cm)(0.00071 g/(sec)(cm)2) 
(0.0156 cP)(O.Ol g/(sec)(cm)) 
cp 
G = (40 cc/sec) (0.0898 9/1)(1/1000 cc) 
(-rr /4) (2. 54 cm) 2 
= 0.00071 g/(sec)(cm)2 
Petrovic and Thodos (1968) recommended the following correlation for 
Reynolds numbers from 3 to 2000: 
(B-2) 
where € is the fractional void space between pellets compared to 
the total volume of the bed. Substituting in 0.4 for € and 
dividing through gives 
j = 0.357 = 0.73 
o (1.766)0.359(0.4) 
The jD factor can also b~ expressed as below: 
(B-3) 
where Pf is the density of the gas and Db is the bulk diffusivity. 
Satterfield (1970) estimated the bulk diffusivity in a hydrodesu1-
furization process to be on the order of 5.5 x 10-4 cm2/sec. By 
rearranging Equation (B-3) the value of the mass transfer 
coefficient is found. 
= ____ ~(0_._73~)~lO_.O_0_07_l~)~--
O.0029( 0.0156 x 0.01 )2/3 
0.0029 x 5.5 x 10-4 
= 8.42 x 10-3 em/sec 
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When applying this value in Equation (B-1), the following is 
obtained: 
rs r = (0.194)(3.675 x iO- B) = 
Cb Kc (~o63)(8.42 x 10-3) 0.00026 < °i 5 = 0.075 
indicating ~egl;gib1e external mass transport effects. 
APPENDIX C 
CALCULATION DF HYDROGEN CONSUMPTION 
1. Assumptions: (1) Negligible amount of coke on catalyst and 
CO or CO2 was formed so that all carbon is 
found in hydrocarbon gases or liquids. 
(2) The heteroatoms not in liquids were converted 
to the fully hydrogenated form, i.e. H2S, 
NH3 and r120. 
2. Approach: Conduct material balance on carbon to make overall 
sulfur, nitrogen and oxygen balance to 100% recovery, 
and calculate hydrogen addition from product analysis. 
The assumptions and calculation method provide that hydrogen 
consumption is not under-estimated, provided that the analysis of 







and X gms of hydrogen. 
Material out: For Run 7 experiment at 475°C, 1000 psig and 0.93 
WHSV. 
95.24 gms Liquid Products 
wt% of Liguid wt% of Feed 
Carbon 88.42 84.21 
Hydrogen 9.69 9.23 
Nitrogen 1 .45 1 .38 
Sulfur 0.07 0.07 
Oxygen 0.37 0.35 
100.00 95.24 
2.82 gms Gases 
ComQonent wt% of Gases Carbon H~drogen 
Methane 9.57 0.20 
Ethane 13.12 0.30 
Ethylene 1 .81 0.04 
Propane 23.40 0.54 
Propylene 9.65 0.23 
Butanes 23.48 0.55 
Butenes 18.97 0.46 
100.00 2.32 gms 
Sulfur Balance: in-out = 0.33-0.07 = 0.26 
Nitrogen Balance: in-out = 1.74-1.38 = 0.36 









Hence, the hydrogen consumed by non-hydrocarbons is: 
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Hetero-
Component atom Htdrogen 
Hydrogen Sulfide 0.26 0.02 
Ammonia 0.36 0.08 
Water 2.34 0.30 
2.96 gms 0.40 g 
Hydrogen consumption: 
Carbon balance: in-out = 86.83-84.21-2.32 = 0.3 
percentage of carbon unaccounted for: 
0.3/86.83 = 0.35% 
Hydrogen balance: in = 8.12 + X 
out = (100~~~35) (9.23 + 0.5) + 0.4 
= 10.16 
X = out-in = 10.16-8.12 = 2.04 gms 
= 2.04% of feed 
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